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Abstract
The application of membranes in life sciences, e.g. in red and white biotechnology,
has increased lately with the advanced understanding of membrane processes. Red
biotechnology is applied to medical processes for human health care such as the production
of antibodies. White or also-called industrial biotechnology deals with industrial processes
e.g. the production of chemicals and fuels. Especially downstream processing for product
recovery and purification is very cost-intensive. In situ product recovery (ISPR) presents
a form of process integration where the formation and the separation of the product take
place in one reactor thereby reducing costs. By combining these two steps, ISPR leads to
higher productivities and yields and it enables continuous operation. Using membranes
for ISPR is advantageous since a continuous product recovery and cell retention can be
ensured at the same time with easy scale-up.
This thesis presents a novel ISPR process named reverse-flow diafiltration. This process
offers a long-term stable operation characterized by low transmembrane pressures. It
features submerged hollow-fiber membranes which are integrated in the fermenter. Two
liquid streams are exchanged alternatingly over the same membrane in a reverse-flow
operation mode: One supplies the nutrient solution (inside-out filtration), the second
one extracts product solution (outside-in filtration). As a result no net flux over the
membrane occurs and cake-layer formation by particle accumulation is kept low. In
addition no permeate is wasted for backflushing the membrane. A short emptying interval
in-between the two steps using air or permeate respectively are applied, for emptying the
inside dead volume of the membrane lumen to improve product yield. This concept of
reverse-flow diafiltration is tested with different media such as model yeast suspension,
fungi fermentation broth and antibody fermentation broth. A scale-up to three parallel
membranes is conducted. Also high-flux microfiltration membranes, namely microsieves
and micromeshes, are tested.
A proof of principle of reverse-flow diafiltration is conducted using model yeast suspension
at different cell concentrations. The concept shows much lower transmembrane pressures
than conventional dead-end filtration with backflush. To empty the dead volume of the
membrane lumen, different emptying modes are assessed. It is shown that emptying with
permeate leads to a more effective emptying and stable operation than air emptying. RFD
with permeate emptying is adapted to a continuous fermentation process for itaconic acid
production using the fungi cells of Ustilago maydis. Also for such complex suspensions,
RFD offers much higher fluxes and permeabilities than conventional dead-end filtration.
Also for antibody fermentation reverse-flow diafiltration was successfully applied. Here the
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challenge was to prevent protein adsorption, enable stable fluxes and provide cell retention
at the same time. The process was successfully operated for two weeks applying a wide
range of dilution rates.
The reverse-flow diafiltration process is very promising for future ISPR applications towards
continuous fermentation processes. It enables stable filtration performance and product
recovery values over longer time periods than conventional submerged processes. It is
promising especially for more complex fermentation suspensions such as fungi suspensions,
characterized by high viscosity and filamentous organisms. Also for shear-sensitive organ-
isms, such as mammalian cells, RFD offers an advantage eliminating the need for high
cross-flow velocities. In terms of capacity, RFD can already compete with state-of-the-art
technology such as settlers, tangential-flow filtration or spin filters. During the last years a
trend in biotechnology towards single-use systems has evolved providing a higher flexibility
to market demand. An integrated single-use recovery device such as a membrane module
could enable long-term continuous product recovery. Here submerged membranes using
the reverse-flow diafiltration concept offer a great opportunity.
Zusammenfassung
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Zusammenfassung
Die Anwendung von Membranen im Bereich der Biowissenschaften ist zusammen mit dem
verbesserten Versta¨ndnis von Membranprozessen in den letzten Jahren stark gestiegen.
Die sogenannte ’rote Biotechnologie’ wird in medizinischen Prozessen angewandt, wie z.B.
bei der Herstellung von Antiko¨rpern. Weiße oder industrielle Biotechnologie bescha¨ftigt
sich mit industriellen Prozessen, wie z.B. der Produktion von Kraftstoffen sowie von
Basischemikalien. Vor allem Downstream Prozesse, zu denen die Produktgewinnung und
-aufreinigung geho¨ren, sind hierbei sehr kostenintensiv. In situ Produktgewinnung ist
eine Form der Prozessintensivierung, bei der die Reaktion und die Produktgewinnung in
einem Prozessschritt vereint werden. Dadurch werden Kosten reduziert. Durch die Kom-
bination dieser beiden Prozessschritte ko¨nnen Ausbeute und Produktivita¨t erho¨ht sowie
ein kontinuierlicher Betrieb gewa¨hrleistet werden. Membranen sind besonders vorteilhaft
fu¨r die in situ Produktgewinnung, da gleichzeitig kontinuierliche Produktgewinnung und
Zellru¨ckhalt sowie ein einfacher Scale-up ermo¨glicht werden.
Diese Arbeit stellt einen neuen Membranprozess mit dem Namen ’Reverse-flow Diafil-
tration’ vor. Dieser Prozess ermo¨glicht einen langfristig stabilen Betrieb bei niedrigen
transmembranen Dru¨cken. Hierzu werden getauchte Hohlfasermembranen in den Fermenter
integriert. Zwei Flu¨ssigkeitsstro¨me werden abwechselnd u¨ber die Membran ausgetauscht:
Einer fu¨hrt dem Reaktor Na¨hrlo¨sung zu (Filtration von innen nach außen), der andere zieht
Produktlo¨sung aus dem Reaktor ab (Filtration von außen nach innen). Dadurch findet kein
Nettofluss u¨ber die Membran statt und Deckschichtbildung durch Partikelanlagerung wird
minimiert. Zusa¨tzlich wird keine Produktlo¨sung zum Ru¨ckspu¨len der Membran verschwen-
det. Zwischen den beiden Schritten wird ein sogenannter Entleerungsschritt eingesetzt, um
das Totvolumen der Membran zu entleeren und damit die Produktausbeute zu erho¨hen.
Dieses Konzept der Reverse-flow Diafiltration wird mit verschiedenen Filtrationsmedien
getestet, mit einer Hefe-Modellsuspension, einer pilzhaltigen Fermentationsbru¨he sowie
einer Fermentationsbru¨he mit Antiko¨rpern. Es wird außerdem ein Scale-up mit drei
parallelen Membranen durchgefu¨hrt. Als Alternative zu den Hohlfasermembranen werden
Membranen mit sehr hohem Flussbereich getestet, wie Mikrosiebe und Mikrogewebe.
Die Machbarkeit des Konzepts der Reverse-flow Diafiltration wird in Versuchen mit einer
Hefe-Modellsuspension nachgewiesen. Das Verfahren weist deutlich niedrigere transmem-
brane Dru¨cke auf als das konventionelle Dead-End Verfahren mit Ru¨ckspu¨lung. Um das
Totvolumen im Membranlumen zu entleeren, werden verschiedene Entleerungsmethoden
getestet. Es wird gezeigt, dass die Entleerung mit Permeat deutlich effektiver funktioniert
und stabiler zu betreiben ist, als die Entleerung mit Luft. RFD mit Permeatentleerung
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wird in einem kontinuierlichen Fermentationsbetrieb zur Itakonsa¨ureherstellung mittels
Pilzzellen von Ustilago maydis getestet. Es zeigt sich, dass RFD auch bei der Filtration
von solchen komplexen Suspensionen deutlich ho¨here Flu¨sse und Permeabilita¨ten aufweist
als die konventionelle Dead-End Filtration. RFD wird außerdem erfolgreich fu¨r die Gewin-
nung von Antiko¨rpern getestet. Hierbei ist die Herausforderung, Proteinadsorption zu
verhindern und gleichzeitig hohe Flu¨sse sowie Zellru¨ckhalt zu erreichen. Es wird gezeigt,
dass der Prozess erfolgreich zwei Wochen lang bei verschiedenen Durchflussraten betrieben
werden kann.
Reverse-flow Diafiltration ist sehr vielversprechend fu¨r zuku¨nftige ISPR Prozesse, vor allem
fu¨r kontinuierlich betriebene Reaktoren. Es gewa¨hrleistet eine stabile Filtration sowie
konstante Produktkonzentrationen im Permeat. Die Betriebszeiten sind deutlich la¨nger als
bei konventionellen getauchten Prozessen. Vor allem fu¨r komplexere Fermentationsbru¨hen
ist Reverse-flow Diafiltration vielversprechend, z.B. fu¨r Suspensionsen aus Pilzzellen, die
durch eine hohe Viskosita¨t sowie filamento¨ses Wachstum charakterisiert sind. Auch fu¨r
scherempfindliche Zellen, wie z.B. tierische Zellen, bietet das Verfahren Vorteile, da es
ohne hohe Cross-flow Geschwindigkeiten auskommt. Bezu¨glich Kapazita¨t ist RFD bereits
mit etablierten Verfahren wie Settlern, Cross-flow Filtrationsverfahren sowie Spinfiltern
vergleichbar. In den letzten Jahren hat sich ein Trend hin zu single-use Systemen entwickelt,
was eine hohe Flexibilita¨t auf Marktnachfragen ermo¨glicht. Ein integriertes single-use
Membranmodul ko¨nnte eine Langzeit-kontinuierliche Produktgewinnung gewa¨hrleisten.
Fu¨r diese Anwendung haben getauchte Membranen mit Reverse-flow Diafiltration großes
Potential.
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1.1 Membranes in red and white biotechnology
As the understanding of membrane processes increases, various new application fields,
especially in life sciences, have been discovered [1]. Red biotechnology deals with medical
applications and white or industrial biotechnology uses biological methods for optimization
of industrial processes. Here, applications for membranes are for instance sterile dosage
of substrates, bubble-free aeration, retention of biocatalysts, product concentration and
purification. This can be performed via ultra- and diafiltration and membrane chromatog-
raphy for instance [1, 2]. In this thesis, examples for membrane application, in particular
for in situ product recovery (ISPR) in red and white biotechnology will be given. Here
membranes are nowadays applied in almost every stage of production. It highlights the
potential of membrane processes for in situ product recovery in future biorefineries as well
as in monoclonal antibody production.
1.1.1 Membranes in biorefineries
Biofuels, e.g. biodiesel and bioethanol, present a promising alternative to fossil-based
fuels and could reduce the dependency on fossil-based fuels. The market share of these so-
called 1st generation biofuels strongly increased in the last years due to simple production
processes. Process concepts for biofuel production plants with integrated membrane
separation have been reported in various reviews on bioethanol production [3–11].
However, the increased interest in biodiesel has resulted in a competition of food-related
biomass with fuel production [12, 13]. To overcome this competition, current research
focuses on lignocellulosic conversion using wood or green biomass. Processing of this
material is more difficult due to the strong integration of the lignocellulosic fractions.
Consequently, 2nd generation biorefineries have to comprise more complex conversion
routes. The demand for downstream processes increases for e.g. solvent recovery or
fractionation of dissolved biomass (e.g. lignin or amino acids). Figure 1.1 visualizes the
product line-up which has to be provided by a ’complete’ biorefinery.
A comprehensive toolbox of separation processes is needed in order to utilize as many
bio-compounds as possible from the lignocellulosic material. A review has been published
recently focusing on developments of membrane processes for biorefinery applications
[15].
Previous work from the last two decades deals mainly with the production of 1st generation
biofuels. Here, membrane bioreactors for in situ product recovery from fermentation
1
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Figure 1.1: Visualization of the product line-up which may potentially replace fossil fuel-based
refineries with biorefining of renewable biomass. Scheme adapted from [14].
processes were most often concentration-driven processes such as pervaporation and
membrane extraction. Pervaporation is an established process for the recovery of alcohols
from yeast fermentation broths [16]. However, for 2nd generation bioprocesses only little
work has been done with regard to in situ separation. Often these processes are fermentation
based. Pressure-driven membranes could be advantageous for in situ product recovery
and cell retention. Membranes could overcome the problem of product inhibition by
continuously removing the product. This is especially relevant for continuous processes
where product is generated over long time periods (cf. Chapter 2).
A new membrane bioreactor process has been developed within the project “Tailor-made
fuels from biomass” (TMFB) aiming at developing a 2nd generation biorefinery. The
project will be introduced in detail in the next section.
“Tailor-made fuels from biomass (TMFB)”
Within TMFB the focus is set on the conversion of lignocellulosic biomass, e.g. grass or
wood, to biofuel. After pretreatment of the biomass, its most important fractions, namely
cellulose and hemicellulose, are processed to the intermediates 5-HMF, levulinic acid,
itaconic acid and furfural. These intermediates offer the opportunity of a high flexibility
in terms of possible final products. Even though the production of a biofuel is the key
issue of the cluster, the implementation of this intermediary level allows the possibility
to follow interesting side-processes for the production of e.g. furans, esters or aromatic
compounds, what follows the idea of a biorefinery. Figure 1.2 shows schematically the
biorefinery concept of TMFB.
Here, membrane technology plays an important role for process engineering. In the so-
called reference process, biomass is first pretreated and solvents are recycled via membranes.
1
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Figure 1.2: Simplified process concept of the excellence cluster Tailor-Made Fuels from Biomass
(TMFB) at the RWTH Aachen University.
Subsequently, reverse-flow diafiltration is used for in situ recovery of the platform chemical
itaconic acid from a continuous fermentation process. This integrated process will be
further discussed in Chapter 4 and Chapter 6. As a next step electrodialysis with bipolar
membranes is implemented to further concentrate and purify the dilute itaconic acid
solution. Figure 1.3 shows a flow sheet of the TMFB biorefinery process. When integrated
into the process scheme, the reverse-flow diafiltration concept should result in increased
production yields of itaconic acid and in improved product recovery, leading to a simplified
downstream process.
Pretreatment
Hydrolysis & 
Depolymerization
Fermentation & 
Reverse-flow diafiltration
Electrodialysis with 
bipolar membranes
Cellulose
Glucose
Diluted itaconic acid
Concentrated itaconic acid
Wooden / Green biomass
S
ol
ve
nt
 re
co
ve
ry
Figure 1.3: Flow sheet of the reference process within TMFB.
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1.1.2 Membranes for bio-based pharmaceutical production
Red biotechnology focuses on the development of innovative treatment methods for human
health care. Within the last years, biopharmaceutical drugs such as antibodies have gained
importance in medical applications. This is expressed by a double-digit increase rate of this
industry from 2010 to 2011 in Germany [17]. Mammalian cell cultures are the production
system of choice for large-scale production in industrial processes [18, 19]. These processes
are currently mostly run in fed-batch or perfusion mode [20].
The biotechnological production process for antibodies can be divided into two process
sections: (1) An upstream process where antibodies are produced by living cells in a so-
called perfusion process and (2) a downstream process where antibodies are first separated
from the cells by e.g. filtration, centrifugation or sedimentation and then further purified
in various steps such as ultra- and diafiltration and chromatography. Figure 1.4 shows a
scheme of the antibody production chain.
Cell banks Antibodies
Upstream Downstream
Virus 
filtrationFermentationPrecultureExpansion
Virus 
inactivation
Isolation 
(Capture) Polishing
Figure 1.4: Production of monoclonal antibodies: Fermentation with mammalian cells (up-
stream) and protein purification (downstream).
In a perfusion process, medium is supplied and product solution continuously withdrawn.
Hereby the cells are continuously harvested and fed back to the reactor to maintain a
constant volume [21]. Advantages of perfusion processes over batch and fed-batch processes
are among others [22]:
• Longer operation cycles with reduced plant downtime,
• reduced unproductive growth phase based on total process time,
• smaller reactor volumes required and
• higher cell density and productivity.
Thanks to these benefits, perfusion processes have been identified to be the most economical
and efficient process for monoclonal antibodies production [23]. By this form of process
integration, costs for downstream processing can be reduced significantly [24]. One major
disadvantage of perfusion processes is that they require an effective in situ cell retention
device [22]. This device has to meet various requirements such as high separation efficiency,
low shear stress, free product permeation, high operation stability and good scalability
1
Introduction
7
[25]. Possible cell retention processes are size-based separation e.g. filtration (spin filters,
tangential flow filtration), or density-based separation, e.g. centrifugation or sedimentation.
Sedimentation is reported to be the most robust one and of unlimited capacity [26] whereas
filtration is reported to have low capacity and fouling problems [22, 26, 27]. A more
detailed discussion illustrating state-of-the-art of internal as well as external separation
using membranes is given in Chapter 2 and more specifically for mammalian cell cultures
in Chapter 7.
“Modular bioproduction - disposable and continuous (MoBiDiK)”
The evolving trend is shifting away from broad-spectrum pharmaceuticals to a more
patient- and disease-oriented treatment profile. Thus, future production technologies and
strategies need to be substantially faster, smaller, more flexible and cost-effective. Current
production processes of biopharmaceutica according to GMP (good manufacturing practice)
are very capital intensive. Therefore, the MoBiDiK project aims at the development and
the establishment of an innovative, modular, flexible and continuous process technology
for the biotechnological field of pharmaceutical drugs. It includes the investigation of the
entire process chain, starting from the cell bank to the purified active ingredients. To
accomplish this, nine industrial and academic institutions in North-Rhine Westphalia have
joined together in this project.
In cooperation with the Chair of Biochemical Engineering a continuously operated mem-
brane bioreactor is developed to culture mammalian cells and recover antibodies. Biomass
retention via membranes and a suitable feeding strategy are expected to significantly
improve the yields. Reverse-flow diafiltration is used for feeding and to prevent cake-layer
formation on the membrane. This process is expected to overcome current problems of
filtration devices reported in literature for mammalian cell retention [22, 26, 27].
1.2 Scope of the thesis
In this thesis a new operation concept called “reverse-flow diafiltration” for in situ product
recovery is proposed. This process yields a product stream which is withdrawn from
the bioreactor through a hydrophilic ultra- or microfiltration hollow-fiber membrane
submerged in the bioreactor. Additionally, an equal amount of feed is supplied through
the same membrane and serves as nutrient supply for the organisms. Zero net flux is
applied, since permeate volume is equal to feeding volume. The feeding simultaneously
1
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prevents cake-layer build-up through periodic reversal of the filtration direction, during
the continuously operated fermentation process. The idea of reverse-flow diafiltration
thus combines the advantages of both principles, diafiltration (keeping a constant reactor
volume) and backflushing (flow-reversal over the membrane for cake-layer removal). By
retaining the cells in the reactor, additional downstream investment costs can be saved.
Another advantage of this concept is that the organisms are not exposed to further shear
stress, which is of especial importance when dealing with mammalian cells.
The proper membrane bioreactor design is crucial for ensuring efficient in situ product re-
covery in bioprocesses. Conventional membrane processes using external loops to separate
liquid products from liquid media are problematic, because the cells/enzymes are unneces-
sarily subjected to shear stress, O2-deficiencies and fluctuations of the reaction process.
Chapter 2 reviews membrane processes for liquid-liquid separation based on submerged
membranes compared to external loop membranes. Processes using microorganisms such
as yeast and higher cells, e.g. mammalian cells, are covered. Various module designs
are introduced especially for submerged processes. The different anti-fouling measures,
e.g. backflushing, vibration or aeration, are introduced as well as common membrane
materials. In order to benefit from the advantages inherent to submerged processes, an
effective anti-fouling measure is crucial. To overcome the main disadvantage of submerged
membrane processes namely fouling, reverse-flow diafiltration has been developed for
effective fouling control which is shown to be suitable for application in both microbial
and mammalian cell cultures.
Chapter 3 introduces materials and methods of reverse-flow diafiltration which are
used throughout the thesis. General information valid for all of the chapters is given.
Case-specific information will be given in the corresponding chapters.
In Chapter 4 the new operation concept “reverse-flow diafiltration” for in situ product
recovery is first analyzed and a proof of concept is provided using a model yeast suspension.
Two different process configurations are tested, namely simple reverse-flow diafiltration
and diafiltration with lumen emptying. The latter one is characterized by an intermediate
process step between the feed and permeate step. The aim is to replace the left-over
feed solution with permeate from the reactor to prevent permeate dilution. Two different
emptying modes, air and permeate emptying, are tested. Permeate emptying proved to be
more effective than air emptying showing a better filtration stability and higher product
recovery. The emptying step is especially important when (1) larger membrane lumen
volumes are used and/or (2) lower dilution rates (referred to the exchanged reactor volume
per time) are desired.
1
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Chapter 5 introduces a simple mathematical model for the comparison of air and permeate
emptying. Parameter estimation is performed to obtain the intrinsic membrane resistance
as well as the pore fraction which contributes to the flow profile. A sensitivity analysis is
conducted for product recovery and transmembrane pressure. It is shown which parameters
mostly affect the process performance. Experimental results could be reproduced well. It
was found that pressure loss varies strongly with membrane length which is important to
consider for scale-up.
Chapter 6 discusses the proof of principle of reverse-flow diafiltration in a continuous
fermentation process for itaconic acid production using fungi cells of Ustilago maydis.
This process is part of the biorefinery concept for biofuel production where itaconic acid
serves as the platform molecule. The aim is to provide a cell-free itaconic acid stream for
downstream processing. Biocompatibility of the membrane module is investigated as well
as process performance in terms of filtration stability and product recovery. Space-time
yield using a membrane for cell retention vs. no cell retention is highlighted. In addition,
the influence of broth constituents, e.g. proteins, as well as pH on product recovery and
transmembrane pressure is discussed. A completely sterile, biocompatible, integrated
membrane process was set up for itaconic acid fermentation using the fungi cells. Reverse-
flow diafiltration maintained much higher filtration stability in terms of low TMP values
as compared to conventional submerged processes.
In Chapter 7, reverse-flow diafiltration is applied for continuous antibody recovery using
the yeast Hansenula polymorpha in view of future use with mammalian cell cultures.
Reverse-flow diafiltration is mathematically and experimentally optimized in terms of
product recovery and substrate loss. The aim is to completely eliminate dilution of permeate
with substrate, since it leads to contamination of the prodct solution and complicates
further downstream processing. Optimal flux ranges are identified via preliminary flux-step
experiments using both yeast and mammalian cell suspension. The operating limit is
pointed out, where irreversible fouling starts and product transmission decreases. Substrate
loss could successfully be eliminated by means of optimization of the emptying and flushing
step. It was shown that exceeding the critical flux results ultimately in protein adsorption
as well as higher TMP profile which cannot be restored completely. Space-time yield could
be significantly improved using reverse-flow diafiltration.
In Chapter 8, high-flux microfiltration membranes, namely microsieves and micromeshes,
are tested to further tune the in situ product recovery process, using model yeast sus-
pensions. These membranes provide of factor five higher permeabilities in comparison
to conventional microfiltration membranes. Both membranes are tested in conventional
submerged operation with backflushing and with reverse-flow diafiltration. For process
1
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evaluation, transmembrane pressure profile and cell retention are analyzed. Results show
that micromeshes provide lower TMP values as well as TMP increase rates, easier handling
and better flux control. Cell retention of the micromeshes was improved by pore size
reduction with layer-by-layer polyelectrolyte coating. Furthermore submerged operation
with backflush was compared to reverse-flow diafiltration. Reverse-flow diafiltration using
micromeshes showed significantly lower absolute TMP values as well as lower TMP increase
rates than submerged filtration.
1
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2.1 Introduction
2.1.1 In situ product recovery in biotechnology
Downstream separation processes are expensive and technically challenging in bioprocesses.
It is important to properly design and develop processes for efficiently separating and
purifying fermentation products to ensure cost-effectiveness of bioprocesses. Integrating
processes is a solution which increases productivity and/or product yield and quality [1].
In situ product recovery (ISPR) is such a form of process integration where the formation
and the separation of the product take place in one reactor.
In situ product recovery
In literature, in situ product recovery is also often called in situ product removal (ISPR).
The term “removal” is often associated with product inhibition and infers that a product
needs to be removed to avoid inhibition of the organism or enzyme. The term “recovery”
on the other hand mainly infers the harvesting of the product from the fermentation broth
rather than preventing its inhibiting effects. In this thesis, the term “recovery” is mostly
used.
ISPR provides an alternative to conventional batch processes where the product accumula-
tion in the reactor often leads to a decrease in productivity. According to Freeman et al.,
“In situ product removal is the fast removal of a product from a producing cell thereby
preventing its subsequent interference with cellular or medium components.” [2]. By
selectively removing potentially harmful substances from a bioreactor, negative effects such
as product inhibition, degradation or transformation into unwanted compounds can be
alleviated. Meanwhile the cells are retained in the bioreactor leading to higher cell densities.
By combining product removal and cell retention, ISPR leads to higher productivities
and yields and it enables continuous operation. Since in such an operation the medium
is continuously exchanged in situ, the cultivation parameters can be better controlled
[3]. Capital and labor costs can be significantly reduced using continuous processes, since
smaller reactor volumes and higher dilution rates can be applied [4, 5]]. Another important
benefit of ISPR is that downstream processing steps are minimized.
One distinguishes between separation methods for ISPR inside the reactor (internal or
submerged) and outside the reactor (external) where the recovery device is located in
an external loop also known as cell recycle system. The latter concept has often been
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discussed in the literature [5]: Roth et al. listed some advantages and disadvantages of
both modes. Table 2.1 presents a comparison of internal and external membrane processes.
Section 2.1.2 covers ISPR with membranes in more detail.
Table 2.1: Comparison of internal and external membrane processes.
Characteristics Internal membranes External membranes
Efficient retention   
Low maintenance requirements   
Prevention of shear stress  #
Sufficient oxygen supply  #
Constant operating conditions  #
No additional investment costs  #
Cell retention   
Prevention of product inhibition   
Moderate energy consumption  #
Ease of sterilization  #
Low risk of contamination  #
Fouling control #  
Ease of replacement #  
Short mean residence time #  
Low toxicity   
 yes#no
Bioreactors
Bioreactors are used in all kinds of bioprocesses, e.g. in food production, wastewater
treatment and in chemical production processes of solvents, vaccines, antibiotics and other
products [6]. According to IUPAC, a bioreactor is defined as “an apparatus used to carry
out any kind of bioprocess; examples include fermenter or enzyme reactor.” [7]. In the case
of an enzyme reactor, no living cells but just enzymes are used for the reaction. Cells or
enzymes in bioreactors can either by freely suspended in the reaction media or immobilized
by membranes (cells, enzymes) or insoluble matrixes (enzymes) [6].
State-of-the-art of ISPR
Within the past two decades, extensive research has been performed on investigating
and improving different product recovery options. Freeman et al. cited more than 100
publications on ISPR since the topic’s rise at the beginning of the 1980s [2]. Stark
et al. reviewed about 200 publications of a period of 20 years focusing on whole cell
biotechnology [8]. Schu¨gerl et al. focused on separation techniques such as solvent
extraction and absorption [9, 10]. Castilho et al. looked at cell retention devices for
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perfusion cultures of animal cells such as filtration, centrifugation and sedimentation
[3].
Several approaches have been published to categorize ISPR concepts. Freeman et al. de-
scribed five main categories by the technology applied: evaporation, extraction into another
phase, size selective permeation, reversible complex formation, product immobilization
and a combination of the above [2]. Most research effort has focused on processes for
producing the solvents ethanol and acetone-butanol as well as some organic acids including
lactic acid and acetic acid. In the overview of Schu¨gerl et al., the ISPR categorization
is based primarily on product size, distinguishing between low (primary and secondary
metabolites) and high molecular weight products (DNA, proteins, antibodies) [10]. For
low molecular weight compounds, integrated extraction, enzymatic conversion, in situ
extraction, in situ adsorption and ion exchange are mentioned as possible separation
techniques. These compounds can be separated by adsorption techniques such as expanded
bed adsorption, high-gradient magnetic field fishing, and membrane-based adsorption or
by aqueous two-phase systems. Schu¨gerl et al. has also classified ISPR processes using the
product substance as classification criterion [9].
2.1.2 Membranes for ISPR
General
Membrane processes have been widely used in biotechnology for various upstream and
downstream applications, whereby the companies Merck-Millipore, Pall, GE Healthcare
and Sartorius are major industrial players. Van Reis and Zydney gave a comprehensive
overview of state-of-the-art membrane applications in biotechnology, e.g., for sterile
filtration, clarification, initial cell harvest, virus removal and protein concentration [15].
They covered various upstream and downstream membrane processes showing the different
membrane and module solutions. Moreover, future trends for membranes in biotechnology
processes which are driven by higher productivity, lower cost of production and increased
development speed are discussed. In addition, Wandrey et al. showed various options
for using membranes in enzyme and whole-cell reactors [16]. Besides substrate dosing
via membranes, they showed examples for enzyme retention with membranes without
enzyme activity loss, co-enzyme retention and whole-cell retention. In addition to enzyme
retention they showed options for product removal and substrate feeding via membranes.
Table 2.2 summarizes the main applications of membranes in biotechnology.
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Table 2.2: Overview of membrane applications in biotechnology: upstream and downstream
applications [11]; UF = Ultrafiltration, MF = Microfiltration
Purpose Membrane type
Upstream
Sterile filtration for virus removal UF
Medium exchange MF
Cell harvest MF
ISPR with membranes MF, UF
ISPR with pervaporation Dense membranes
Downstream
Sterile filtration of buffers, products, and gases MF
Concentration of products UF, NF, RO, ED
Impurity removal via diafiltration UF
Buffer exchange via diafiltration UF
HPTFF∗ for protein separation UF
Membrane chromatography MF or larger
Virus filtration of product stream UF, NF
∗ High performance tangential flow filtration.
Membrane bioreactors
Membranes are often used to immobilize enzymes/cells in the reactor either by simple
compartmentalization of them or by immobilizing them in the membrane matrix itself.
These so-called, membrane bioreactors, are advantageous in that they combine product
recovery with the actual biochemical reaction. Here, membrane bioreactors used for
wastewater treatment are not covered [12].
Membrane bioreactors have proven to be very effective: they give high product yields
and ensure sterility, biological activity and high separation efficiency. Other benefits are
low energy requirements, continuous operation mode, ease of operation, scalability and
gentleness to the product.
There are important concepts concerning membrane processes, e.g., membrane bioreactors:
one of them is critical flux, first introduced by Field et al., a quantitative parameter which
describes the flux above which the membrane becomes blocked by a cake layer or gel
formation of particles and colloids [13]. Especially in continuous processes, it is advisable
to operate below the critical flux in order to prevent particle deposition. In membrane
bioreactors for wastewater treatment, this concept of critical flux is an essential parameter.
The literature deals with the theory of critical flux [13–15], methods to identify critical
flux [16, 17] and the influence of membrane morphology on the critical flux [18].
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Characteristic process terms
Parameters that significantly influence the process operation of membrane bioreactors
are dilution rate, bleed rate and recirculation rate which are shown in Figure 2.1[4]. For
submerged membrane reactors, only the first two parameters are relevant. For external
loop reactors, however, all of the above parameters are important in addition to the
cross-flow velocity which is the most significant parameter.
(a) Dilution rate (b) Recirculation rate
(c) Bleed rate
Figure 2.1: Schemes of characteristic process terms in biotechnology
The dilution rate is the volume of substrate added to the reactor volume per hour.
In conventional bioreactors where no membrane is used, the dilution rate determines
the residence time of the cells in the reactor. The bleed rate describes the volume of
fermentation broth discharged from the reactor per hour. This parameter is important
regarding cell retention processes. Without cell bleeding, the viscosity of the fermentation
broth increases due to cell proliferation. To maintain steady-state conditions, it is thus
necessary to bleed the system [4]. In a continuously operated process, the dilution rate
may be chosen to equal the product recovery rate (amount of product recovered per time)
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plus the bleed rate. The recirculation rate (also called circulation flow rate) defines the
volume which is recirculated in an external loop reactor (see Figure 2.1). It is directly
coupled to the cross-flow velocity at the membrane surface: a higher recirculation rate
leads to higher cross-flow velocities. By exerting shear stress through the cross-flow, higher
permeate fluxes are possible. Although an increased recirculation rate allows operation
at higher permeate fluxes, cells/enzymes might become damaged due to the increased
mechanical stress they are exposed to [4]. The recirculation rate refers to the residence
time of the cells/enzymes in the reactor as follows:
tR =
Vreactor
V˙
(2.1)
where tR denotes the residence time of the cells/enzymes in the reactor, Vreactor the volume
of the bioreactor and V˙ the recirculation rate.
Perfusion is a term often used in reactions with mammalian cells. It describes a process
mode where fresh medium is added and toxic compounds and/or products are removed
during the process. The main characteristic of perfusion cultures is the cell retention of cells
in the reactor by means of a device, e.g., a membrane, while the product is continuously
harvested. In such reactors a constant volume is kept during the whole perfusion process
which can be operated for weeks or months. Here, main control parameters are the choice
of cell retention device and the feed rate of fresh medium [19].
Operation concepts of membranes and general terms
Especially regarding submerged membrane processes, a term often used is the ratio of
membrane surface area to reactor working volume in m2/m3 or m−1. The higher the
packing density of the membrane module is, the higher the ratio can be.
There are three main filtration principles applied in membrane processes: dead-end
filtration, cross-flow filtration and submerged membrane filtration. An overview is given
in Figure 2.2. In dead-end filtration (also called normal flow filtration), the entire fluid to
be filtered is forced through the membrane by means of an applied perpendicular pressure
(Figure 2.2a). During such filtration at constant flow, the accumulation of particles (cells)
increases, resulting in higher pressures needed to maintain flow. Eventually the membrane
needs to be either backflushed (to remove the cake layer), cleaned, or replaced [20].
Cross-flow (also called tangential flow) operation is described by a feed stream which
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is circulated across the membrane surface, whereby the feed stream flows parallel to
the membrane surface [20]. Two streams are produced: a concentrated retentate and a
particle-free (in this review cell-free) permeate stream. Many product recovery processes
use cross-flow filtration where the membrane is installed in an external loop (see Figure
2.2b). The application of submerged membranes has attracted the interest of researchers
since the 1990s. In submerged systems (Figure 2.2c) the membrane is immersed into the
suspension to be filtered, and air bubbles are supplied from the reactor bottom to control
cake layer formation [18, 21].
Feed Permeate
Membrane
pF > pP
(a) Dead-end filtration
Feed
Permeate
Membrane
pF > pP
(b) Cross-flow
filtration
Feed
Permeate
Membrane
pF > pP
Air bubbles
(c) Submerged filtration
Figure 2.2: Filtration principles in membrane processes.
The driving force in membrane filtration processes for separating two or more compounds
is based either on pressure gradients (convection) or concentration gradients (diffusion).
In membrane bioreactors, mostly pressure-driven operations are applied and are discussed
in this thesis.
Membrane processes for ISPR
Membranes come in different geometries such as spiral, flat sheet, hollow fiber, and tubular
geometry. Hollow fiber membranes are most often used, since they provide very high
packing densities and low production costs. But also parallel plate or flat sheet membranes
are frequently used, e.g., for product recovery in an external configuration. The appropriate
type of membrane needs to be chosen for the individual separation task with regard to
pore size, stability, surface charge and other characteristics [22].
Since membrane processes operate at moderate temperatures and pressures, they offer
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advantages over other recovery processes and provide a mild immobilization or separation
method [22, 23]. ISPR membranes can either be located in the bioreactor (internal or
submerged) or in a configuration outside the reactor (external or external loop process) as
explained in Section 2.1.1. Figure 2.3 illustrates the operation principle of internal and
external membrane processes as well as diafiltration where buffer or medium is continuously
added to replace the removed permeate. All three operation modes can be used in batch,
fed-batch and continuous operation modes.
Feed Pump
Membrane Module
Permeate Pump
Recovered product
Feed Tank
Feed line Permeate line
(a) Submerged membrane process.
Feed Pump
Permeate Pump
Membrane Module
Recovered product
Feed Tank
Retentate line
Fermenter
Recirculation
Pump
Feed line
Permeate line
(b) External loop process (membrane recycle
mode).
Feed Pump
Permeate Pump
Membrane Module
Recovered product
Feed Tank
Retentate line
Fermenter
Recirculation
Pump
Feed line
Permeate line
Buffer Tank
(c) Diafiltration membrane process.
Figure 2.3: Membrane operation concepts for ISPR
State-of-the-art of ISPR with membranes
Extensive research on membrane processes for ISPR in biotechnology has been performed
within the past two decades. Chang et al. gave a good overview of ISPR methods with
membranes for enzymes, microbial cells, animal and plant cells, respectively [24]. In
particular, regarding enzymatic hydrolysis reactions, they stated that the external loop
configuration would be the choice of design instead of the aforementioned dead-end mode
inside the reactor due to the fouling tendency of the membrane. Early research, e.g., by
Butterworth et al. found that dead-end filtration lead to a fast decrease in flux when
enzyme solutions are filtered [25]. For microbial cells, external loop reactors as well as
immobilized cell-membrane systems were considered. Here, submerged processes were not
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cited. For mammalian cell retention, the ”perfusion culture” with membranes integrated
in the reactor was discussed as a common device for product recovery. Much higher cell
densities could be achieved this way as compared to immobilization.
Charcosset published a review about membrane processes in 2006 where she emphasized
the wide use of micro- and ultrafiltration in biotechnology [23]. She cited new membrane
processes with enhanced mass-transfer characteristics. This review gave a general overview
about different membrane processes, e.g., membrane bioreactors, focusing on the operation
principles, membrane materials and module designs. One section on membrane bioreactors
mainly included information about immobilized cells in membranes instead of suspended
cell reactors. No detailed process solutions were introduced here. A detailed review by
Reis and Zydney in 2007 [11] covered a wide range of membrane processes in biotechnology
including tangential flow filtration (cross-flow filtration) for product recovery as well as
various other applications for upstream and downstream processes (2.2). It was shown
that membranes can be applied all along the process line.
Belfort et al. summarized various effects regarding the influence of suspensions and
macromolecular solutions on cross-flow microfiltration [26]. They covered aspects such
as cake formation, mass transfer in membrane modules, suspension flow and particle
transport. They concluded that understanding of the behavior of the suspensions and
solutions to be filtered enables one not only to reduce concentration polarization and
fouling but may also lead to the development of more effective operation modes.
It was shown in literature that membrane processes for product recovery offer a variety of
advantages. But such membrane processes are not yet applied widely for ISPR in industry.
Reason for this is the reluctance of industry and of end-users to apply new technologies over
conventional classical bioreactors [23]. In order to overcome this reluctance, more research
with regard to theoretical understanding of the physical and chemical characteristics
governing these processes may help. An effective process operation, as mentioned by
Belfort et al. [26], could be achieved by considering the main influencing parameters such
as feed composition and membrane characteristics.
In particular, for high-value products made at low volumes, e.g. antibodies, the cost of the
bioreactor is often relatively unimportant, whereas other factors, such as enhancing product
concentration, can significantly reduce the production costs. ISPR offer a great cost-saving
potential [22]. Moreover, ISPR can also bolster the production of bulk chemicals. There are
also some disadvantages of membrane processes. Probably the greatest problem, leading to
a decline in filtrate flux, is membrane fouling. The success of the chosen ISPR membrane
process depends strongly on the effectiveness of the anti-fouling measures applied.
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2.2 Membrane process designs for whole-cell
bioreactors
2.2.1 Challenges of the biological system
Whole cells can be microbial cells, animal or plant cells. Microbial cells in biotechnology
processes are most often yeast or bacteria cells that are mainly used for producing bulk
chemicals such as ethanol, butanol and lactic acid.
Microbial cells are retained in the reactor by means of micro- or ultrafiltration (MF and
UF) membranes, whereby inhibitory substances are washed out with buffer or water
(diafiltration). For aerobic fermentations, it is much more difficult to achieve high density
cell systems than in anaerobic systems due to oxygen depletion as a limiting
factor [27].
Animal cells, in particular mammalian cells, are more sensitive to shear stress than
microbial cells. Types of mammalian cells most often used in whole-cell bioreactors are
hybridoma cells and Chinese hamster ovary cells (CHO cells). Their O2-uptake and growth
rates are significantly lower than that of microbial cells [24]. These aspects need to be
kept in mind in order to choose the adequate separation device. Hufford et al. gave a
good overview of possibilities to cultivate these cell lines in different reactor concepts with
cell retention [19].
Chang et al. mentioned an advantage for plant and animal cells in a membrane bioreactor:
their chance to successfully grow here is greater due to the protective environment of the
bioreactor and constant reaction conditions there.
2.2.2 Membrane module and reactor configuration
Different reactor designs have been examined in the literature regarding submerged as
well as external loop reactors. Stark et al. noted that submerged membrane processes
have been rarely used, because of commercial unavailability and scale-up difficulties [8].
Claiming to give a complete summary of ISPR processes within the time range from 1983
to 2003, they only found ten projects that used submerged membranes.
In this chapter, several more research projects dealing with submerged membranes are
discussed and categorized according to their reactor-module configurations. Here, various
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anti-fouling measures are focused upon (cf. Section 2.5). Such measures are more difficult
to control in submerged reactors than those of external loop reactors [28].
External loop reactors are most commonly used today for product recovery. They are
usually operated in cross-flow mode where the suspension to be filtered flows parallel to
the membrane surface. External loop reactors are more advantageous for fouling control
than submerged membrane processes (Table 2.1). However, these external loop reactors
require extra reaction volumes and higher energy for maintaining continuous flow rates
through the membrane. In addition sterilization of the external loop might be problematic
[24].
Submerged membranes
Submerged membranes offer various advantages over external loop membrane systems
(Table 2.1). Sterilization of the integrated module is easier, and energy and space is
reduced. In addition, costs are minimized by cleaning the submerged membrane through
air scouring from the bottom rather than using extensive energy for cross-flow operation
.
q Cylindrical rods, arranged in a circle around the impeller shaft
This design was cited in 18 publications from 1993 to 2008. Chang et al. first investigated
this reactor design using stainless steel filters for continuous ethanol recovery. Stainless
steel membranes were only used in few publications. Nevertheless, the work from Chang et
al. showed promising results with no clogging of pores in a 10-day test run with continuous
product recovery using fluxes of about 10 L/(m2 h) [19, 29, 30].
All other membrane reactors using this design work with ceramic membranes. The so-called
“Stirred Ceramic Membrane Reactor (SCMR)” first named by Suzuki et al. [31], has since
been used by many scientists. The scheme of the module is shown in Figure 2.4. Here,
one or more membrane modules consisting of several ceramic cylindrical rods connected in
a circular array are submerged into a bioreactor.
Suzuki et al. used two separate modules alternatingly for gas sparging and product
recovery. A constant permeability was ensured through the continuous backflushing with
air. They achieved fluxes of 47 L/(m2 h) [31]. To reduce fouling, Park et al. investigated
optimal backflushing intervals for this reactor design [32]. They found that the optimal
backflushing time depends on reactor cell concentration, whereby a flux of 29 L/(m2 h)
was attained. In a later publication, these authors performed long-term experiments with
a flux of 13 L/(m2 h) ensuring a stable filtration operation over two months without flux
2
Chapter 2
26
decline [33].
Zhang et al. investigated the main factors and mechanisms for fouling responsible for
the decline in filtration performance [34]. They compared symmetric with asymmetric
membranes and concluded that fouling for the asymmetric membrane was more severe.
Glucose, yeast cells, and proteins in fermentation broth were found to significantly influence
membrane fouling. Flux was reduced about 40 % when 100 g/L glucose was added to the
fermentation broth as compared to glucose-free broth. They attributed this flux reduction
to an interaction between glucose and yeast extract, ultimately resulting in fouling.
All the above mentioned publications used yeast cells as a model organism for ethanol
production. Other researchers also working on this design applied either yeast, E.coli or
other microbial cells and showed promising results [35–39]. They operated with fluxes
ranging from 1 to 16 L/(m2 h) and membrane surface area to reactor volume from 0.2 to
0.5 m−1. Most of this research involved the production of bulk chemicals such as ethanol
and lactic acid. Monoclonal antibodies and succinic acid were also recovered successfully
as products.
SCMR has also been used to cultivate mammalian cells such as hybridomas for antibody
production [40]. The authors of this work stated that no corresponding research had
been performed before 2005. They achieved membrane process operating times of up to 2
months with a flux of 3 L/(m2 h).
Recovered product
Stainless steel
tube
Rubber septum
Ceramic
membrane
Teflon holder
Figure 2.4: Stirred ceramic membrane reactor with cylindrical rods
q Vibrating membrane module
As Figure 2.5 illustrates, this design has been investigated using flat sheet membranes and
has been commercialized [28]. Postlethwaite et al. investigated this so-called “vibrating
membrane filtration system (VMF)” using flat sheet membranes operated at high biomass
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loading [41]. They used both a model yeast suspension with bovine serum albumin (BSA)
and industrial fermentation broth to characterize their system. For biomass loadings up
to 500 g/L, they measured flux and BSA transmission values of 45 L/(m2 h) and 67 %
respectively. They also varied the gap width between the stacked flat sheet membranes
showing that an increased gap yielded higher permeabilities. Overall, they found the
design to be very suitable for highly concentrated biomass suspensions.
Another version of this design which uses hollow-fiber membranes, is called dynamic
microfiltration system, as was applied by Beier et al. for filtering yeast suspensions [42, 43].
This version proved to be advantageous for the operation at low feed-flow velocities and low
transmembrane pressures. The authors decoupled the surface shear rate from the feed-flow
velocity by using a vibrating hollow-fiber membrane module driven by an electromotor at
the top of the module. The membrane module consisted of hollow-fibers with a length of
12 cm fixed in parallel between a steel plate at the bottom of the module and a permeate
gap at the top (Figure 2.5). The vibration speed ranged from 0-30 Hz and the amplitude
was alternated between 0.2 mm, 0.7 mm and 1.175 mm. The influence of both parameters
was investigated, since both were found to affect the average surface shear rate. The
authors concluded, that with high amplitude and vibration frequency, the critical flux
of the suspension could be enhanced by 325 % [42]. In a later publication [44] a slightly
different module with an increased liquid level above the module was investigated to
eliminate air bubbles, so that the effect of vibration was more clearly observable. The
authors investigated the transfer of enzymes with increasing flux. They observed high
enzyme transfer rates above the critical flux, though the transfer decreased dramatically
when the fouling resistance increased. It was postulated that this was caused by gel layer
formation on the membrane surface. The authors concluded that the starting point of a
decrease in the enzyme transfer rate depended strongly on the surface shear rate but less
on the presence of yeast cells.
q Λ– and Π–arrangement of cylindrical rods
Two new rod arrangements using ceramic cylindrical rods were developed in a doctoral
thesis to increase the membrane surface area in the reactor: Λ– and Π–arrangement from
which the first one is shown in Figure 2.6 [1]. The Λ–arrangement consists of a series of
two cylindrical rods linked by a bent connection tube. Membrane modules are installed
in the reactor between the impellers, thereby ensuring maximum turbulence. One end
of the module is connected to stainless steel tubing which releases the permeate to the
corresponding reservoir; the other end is closed. Even though the filtration results were
promising, there was still a decline in flux during the process. In addition, this module
had the disadvantage of being permanently fixed. Therefore, the whole module would
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Figure 2.5: Vibrating membrane module
have to be replaced if damaged.
Feed pump Permeate pump
Feed line Permeate line
Recovered product
Air/ O2
Membrane modules
Motor
Feed tank
(a) Reactor
Membrane
modules
Recovered
product
(b) Detail
Figure 2.6: Λ–arrangement; Left: scheme of the process; Right: close–up of the module
Consequently, another design was developed which was Π–shaped to reduce the effect
of potential damage. Here, the rods were connected in parallel instead of in series and
the connection for permeate removal was placed in between. In this way, the rods could
easily be exchanged individually. The authors stated that the module would be suitable
for scale-up and should be investigated in the future.
In the corresponding experiments, all performed with yeast cells, no negative interaction
effects between the membrane and microorganisms were observed. Products recovered
were lipase, rhamnolipids, polyhydroxyalkanoates and L-lysine.
q Wave bioreactors with floating membrane
This design was used by Tang et al. to produce monoclonal antibodies from hybridoma
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cells [45]. It was based on a single-use wave bioreactor. This reactor type was characterized
by mixing of the reaction broth by rocking the whole reactor compartment to generate
waves. The reactor consisted of a disposable, biocompatible polyethylene culture chamber
produced by Wave Biotech (GE Healthcare). It was moved around a pivot axis at the
reactor base. The main process parameters were rocking angle (5-10), rocking speed (5-40
rocks/minute) and aeration rate. To separate the product from the cell-containing broth,
a membrane filter floated on the fluid surface. This filter consisted of a polyethylene bag
with a permeable bottom side of 0.7 µm pore size. The whole assembly including culture
chamber and filter bag, was presterilized by gamma radiation [46]. Figure 2.7 shows the
reactor scheme as well as a close-up view of the filter. Even after weeks of operation, there
was no filter clogging observed, attributed to the waves creating a tangential flow at the
filter surface. Flux values were about 4.6 L/(m2 h). This design was used with hybridoma
cells for producing monoclonal antibodies. Membrane surface area to reactor volume was
0.18 1/m, and maximum process operating time was 500 h (about 21 days).
Feed Tank
Rocking angle
(5-10 degrees)
Rocking motion
(5-50 rocks/min)
Pneumatic bellow
Pivot
Feed Pump Permeate Pump
Recovered
product
Reactor Floating filter
Heating platform
(a) Reactor
Filtrate draw off nozzle
Polyethylene top
Cell retentive
membrane
(b) Close-up view of filter
Figure 2.7: Wave bioreactor with floating membrane; Left: scheme of the process; Right:
close–up of the filter bag
A quantity of 1.4 g monoclonal antibody was produced in less than two weeks with a
working volume of only 1 L, which is comparable to a stirred ceramic membrane perfusion
culture system [40]. Therefore this design is an alternative for producing gram quantities
of proteins from industrial cell lines on a small scale. This work has been implemented
industrially by Wave Biotech LLC (U.S.A.). This single-use reactor design could be further
studied for large-scale production of monoclonal antibodies.
Major industrial players have currently focused on single-use systems: Sartorius and GE
Healthcare recently started to sell single-use membrane systems and reactors for various
stages of the bioprocess production line. A main advantage of single-use systems is the
shorter development time, enabling fast changes meeting market demand.
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Sartorius developed a single-use cross-flow membrane system “SARTOFLOW®Alpha
plus SU” with single-use pressure domes, valves and flow meters for product recovery in an
external loop. Advantages of this system are good reproducibility, the minimization of the
qualification time and the elimination of cleaning and sterilization steps. These systems
can be applied for short campaigns or at multi-purpose manufacturing sites. Ultrafiltration
membranes with a molecular weight cut-off (MWCO) of either 10 or 30 kDa are mainly
used.
The ”ReadyToProcessTM” hollow-fiber cartridges by GE enable simple and fast drug
development by eliminating device preparation steps, such as wetting and sterilization.
Typical applications for these systems are, e.g., aseptic clarification and purification of
vaccines and monoclonal antibodies, aseptic cell processing and fast-track drug development
processes. Single-use membrane systems will have great economic potential in the future.
They are easy to manufacture and to adapt flexibly to changing market demands.
External loop membranes
External loop reactors have most often been used in biotechnology for product recovery.
Especially in anaerobic processes, such as the production of lactic acid and ethanol, they
have often been the choice of operation mode. Little data regarding external loop reactors
exist for aerobic processes [1, 47].
This process mode is most often used, because it can be simply integrated into an existing
bioreactor system. In addition, the external loop offers good fouling control due to the
high possible shear rates on the membrane surface by cross-flow operation (tangential flow
filtration). In an external loop reactor, the reactor content is recirculated to an external
membrane module where the permeate is withdrawn and the retentate is recycled back to
the reactor (cf. Section 2.1.2).
The external loop process has been extensively investigated in literature, even though
it is less suitable for aerobic fermentations. Two of the reasons for this are: (1) oxygen
limitation, which limits the advantage of high cell density operation, and (2) shear stress
which can damage the cells [1]. Especially for shear-sensitive cells such as mammalian
cells, this process can lead to significant cell loss.
External ISPR are similar in most of the research work. Most often such designs consist
of an external circulation loop with a membrane module - either flat sheet, hollow fiber
or tubular membranes. The shear rate on the membrane is generated by a recirculation
pump. This recirculation rate is the operating parameter which influences the external
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loop system besides bleed and dilution rate. It defines the volume recirculated based on
the total reactor volume. Commonly, it ranges from 10 to 600 h−1 to facilitate the flux
over the membrane and to ensure a high permeability [47]. A higher recirculation rate
thus leads to a higher cross-flow velocity. Kwon at al. concluded from their investigations
with yeast suspensions that an operation below the critical flux is important, because once
it has been reached, the cross-flow will no longer be sufficient to sweep all particles away
[48].
More detail about the different reactor designs for external loop membrane reactors is
given in [49].
2.3 Membrane process designs for enzyme reactors
2.3.1 Challenges of the biological system
Enzymes mostly have molecular weights of between 10 and 80 kDa. Therefore, ultrafiltra-
tion membranes have been frequently used in the past, in particular, to retain enzymes.
Enzymes tend to adsorb on membrane surfaces because of hydrophobic or electrostatic
interactions which can lead to a reduction in their activity. This reduced enzyme activity
is attributed to surface-induced conformation change and shear stress. Thus process
parameters need to be chosen carefully in order to limit membrane fouling by adsorption
and enzyme activity decay [50, 51].
2.3.2 Membrane module and reactor configuration
Various designs for enzyme retention have been investigated. The complete retention
of enzymes has been the most important requirement in order to operate a continuous
production process successfully. Designs of freely suspended enzyme solutions (also often
called “free enzyme membrane reactor” or FEMR) can also be categorized into submerged
systems and external systems. Reactor designs for enzymes immobilized on the membrane
surface will not be considered here.
One example for a submerged membrane reactor for enzymes was shown bei Wang et
al. They used a reactor cascade of two bioreactors, each equipped with one submerged
membrane [52]. The membrane in the first and second separation step had a molecular
weight cut-off (MWCO) of 10 kDa, and 70 kDa, respectively. The main reaction took
place in the first reactor where immunoglobulin G (IgG) was fragmented by the enzyme
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pepsin to the product F(ab2). In this stage, all species were retained except for degraded
Fc-fragments which would contaminate the final product F(ab2). In the second stage,
the product was retained while the enzyme pepsin passed through and was recycled back
to the first stage for further fragmentation. Thus, much higher enzyme concentrations
could be achieved in the first reactor than in the feed stream. Fouling was reported to be
negligible, probably due to the operation at subcritical fluxes and excessive stirring with
1000 rpm. With this design, the authors intended to combine enzymatically catalyzed
digestion with product purification by removing undesired fragments.
In general, all research groups worked with small reactor volumes ranging from 10 ml
to 380 ml. More detail about the different reactor designs for external loop membrane
reactors for enzyme retention is given in [49].
2.4 Membrane materials and biocompatibility
Research on submerged membranes was performed with ceramic, polymeric, glass and
metallic membranes. Hereby, alumina ceramics (Al2O3) were mostly cited.
Strict requirements are posed on the membrane stability, because sterilization via auto-
claving is run at temperatures of 121 ◦C and 2 bar which could compromise the membrane
material. In addition the price and availability of the membrane material are relevant
factors for choosing a particular membrane. For the production of commodity chemicals
such as ethanol or lactic acid, it is important that the membranes are cost-effective.
Permeability values of a given membrane material is also a very important selection
criterion. For processing mammalian cell cultures, the fluxes were relatively low [19, 45]:
Tang et al. reported maximum fluxes of 4.63 L/(m2 h) when using the floating filter
for culturing hybridoma cells (cf. “wave bioreactor” in Section 2.2.2). Hufford et al.
operated their perfusion reactor using the SCMR with fluxes of 2.7 L/(m2 h) for cultivating
hybridoma cells and Chinese hamster ovary cells (“Cylindrical rod design” in Section
2.2.2). In general, when dense cell cultures were used, the fluxes became even lower
[7, 31, 37]. The researchers reported flux reductions of 70 % to more than 90 % when
cell concentrations rose from 1-10 g/L to 120-200 g/L. Various authors also identified the
dependence of permeability on cell concentration [29, 34, 53].
According to Pal et al. tubular modules, where the membrane is cast on the inside of the
porous support tube, are often problematic, because they foul quickly and are hard to
clean [54]. In their experiments, the feed was supplied from the outside. They reported
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that, e.g., flat sheet membranes operated in cross-flow are more effective with regard to
fouling control.
In the following some examples for submerged membranes are given. More details on
external loop reactors and enzyme reactors are given elsewhere [49].
2.4.1 Ceramic membranes
Ceramic materials such as zirconium dioxide (ZrO2) or aluminum oxide (Al2O3) hold are
advantageous for bioprocesses, because they are highly resistant to sterilization, pressure,
chemicals and exhibit high mechanical strength, permeability and well-distributed pore
sizes. Moreover, they are easy to clean [1, 40, 55]. However, such ceramic membranes are
expensive.
Ceramic membranes were used most ofen for submerged membrane designs. Ceramic
membranes for the cylindrical-rod module (cf. Section 2.2.2) were first introduced by Suzuki
at al., where two ceramic modules were used alternatingly for sparging and filtration to
reduce fouling [31]. Later on, it was found that especially asymmetric ceramic membranes
can be used to reduce fouling. A typical asymmetric rod used by several researchers had a
mean pore size and thickness of 25 µm and 1.3 mm at the inner layer and 0.2 µm and 0.2
mm at the outer layer, respectively. Moreover, such an asymmetric rod showed a clean
water flux of 4.0 mL/(h cm2) [19, 40]. Most other publications using the cyclindrical-rod
design applied pore sizes ranging from 0.2 - 0.5 µm.
Dhariwal et al. investigating the Λ– and Π–arrangement claimed that hydrophilic mem-
branes perform better than other materials when antifoam substances are present in the
broth [1]. They used ceramic membranes which were mostly hydrophilic and also showed
high resistance to temperature and corrosion. They analyzed, among other parameters,
various adhesives and their performance after sterilization with heat and steam. The
authors concluded that this design is applicable for the recovery of low-molecular-weight
products from high-cell-density bacterial cultures if the bacteria neither form biofilms
nor secrete high amounts of extracellular polymeric substances (EPS). The pure water
permeability of the membrane decreased from 780 to 132 L/(m2 h bar) after being used
for filtration of the culture mixture containing EPS in the form of alginate.
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2.4.2 Polymeric membranes
Polymeric membranes are less expensive than other membrane materials. Polymeric hollow
fibers are advantageous for membrane bioreactors, because they provide high packing
densities. Regarding heat and chemical resistance or mechanical strength, they usually
show lower performance than ceramic ones, except for polytetrafluorethylene (PTFE)
membranes. Typically applied polymers for membrane applications are polyethersulfone
(PES) and polysulfone (PS); they offer relatively higher thermal and chemical stability
than other polymers and are hydrophilic.
The membrane used in the study of Beier et al. was made of PES with a nominal pore size
of 0.45 µm [42](cf. Section 2.2.2 “Vibrating Membrane Module”). In a later study, these
authors used a blend of PES and polyvinylpyrrolidone (PVP) to increase the hydrophilicity
of the fibers [43]. Nonetheless, they observed a pronounced fouling due to EPS even when
operating the experiments at subcritical flux.
Tang et al., working with the wave bioreactor (cf. Section 2.2.2), used a polyethylene
filter bag with a cell-retentive underlayer of an undisclosed material with 0.7 µm pore
size for the recovery of monoclonal antibodies [45]. No fouling was observed during their
experiments with a perfusion reactor.
2.5 Anti-fouling measures
New industrial bioprocesses for low-value bulk products require continuous operation so that
they can economically compete with established chemical processes. Therefore, downtimes
of the plant need to be minimized. A common obstacle in membrane bioprocesses is
membrane flux deterioration which results from concentration polarization and fouling
[32]. For continuous processes, lag times in plant operation due to membrane cleaning
are undesirable. Therefore, process designers aim to integrate cleaning measures in their
designs. Belfort et al. gave a comprehensive overview of anti-fouling measures for filtration
systems [26]. Most of the measures mentioned in literature were used in submerged systems,
whereas external loop systems were typically operated in cross-flow mode in which shear
stress was applied for anti-fouling.
q Backflushing or Backwashing / Backshocking
Many papers reported about the use of periodic backflushing, i.e. a periodic reversal of the
flow direction over the membrane. Each research group found their own individual optimal
backflushing period, depending on the process configuration, the type of cells/enzymes and
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other parameters. Optimal backwashing fluids were air, distilled water, medium, filtrate
and fermentation gas. After experiments with backflushing, Dhariwal reported that the
anti-fouling effect of backwashing was not efficient enough. However, most other research
groups used the technique successfully, whereby some groups recovered the filtration flux of
up to its initial value or very close to it [7, 31, 32, 37, 56]. The process could be optimized
by using two or more filtration devices, which are alternatingly used for filtration and
backwashing [31, 57].
The backshocking technique, meaning backflushing with high frequencies and very short
backflushing durations, can be used to improve transfer of macromolecules through
a membrane. It is characterized by backflushing durations of less than 0.1 s and at
backflushing intervals of 1 to 5 s. This method proved to increase transfer by up to 100 %.
By applying frequent backflush shocks, consolidation of the cake layer is avoided [43].
q Agitation and Aeration
By varying the intensity of agitation in the reactor, different shear stresses on the membrane
surface can be applied. Hereby, higher shear stress usually improves filtration performance.
However, such shear stress may damage the cells if the shear rate is too high. Experiments
regarding the influence of agitation on fouling were performed by various research groups
[1, 29, 32, 53, 56, 56, 58, 59]. When using higher agitation speeds, Chang et al. reported
that the decline in flux in their experiments with 16.5 g/L yeast cells was relatively low
with 22 L/(m2 h) as compared to 12.5 L/(m2 h) at a TMP of 0.4 bar. The induced shear
stress obviously sufficed to remove deposits on the membrane surface. It was concluded
that a trade-off in agitation speed needs to be found with regard to energy consumption.
The same was reported by Lee et al. also using yeast cells for filtration [29]. The flux was
improved by 67 % when the agitation speed was increased from 100 to 700 rpm.
Aeration using an extra-coarse sintered glass sparger (maximum pore size of 145 - 174 µm)
was investigated by Su et al. [56]. They used aeration rates from 0 to 0.4 vvm (volume
per reactor volume per minute) which corresponds to 0.16 L/min. Hereby they did not
observe significant effects, probably because fluid flow was dominated by the impeller
hydrodynamics. Park et al. reported a flux increase of 65 % when aeration was increased
from 0 to 2.4 vvm which corresponds to about 4 L/min [32]. This shows that aeration can
be an effective tool to reduce fouling due to the additional shear stress induced by the air
bubbles. Suzuki et al. used one membrane inside-out for air supply and a second one for
filtration and alternated both [31]. They concluded that this system is very effective in
preventing membrane clogging and can even be used for anaerobic cultures.
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q Membrane vibration
Membrane vibration has been used in various concepts especially for submerged membrane
systems. Beier et al. investigated the effect of vibration by performing BSA transfer
experiments with 4 g/L BSA in the feed solution [43]. Without vibration, the TMP
increased steadily and the transfer rate of BSA dropped from 68 % to 45 % after 6 hours.
With vibration, the transfer could be significantly improved.
q Cross-flow operation
External loop reactors generally work with cross-flow operation. In cross-flow operation,
the feed flow is directed parallel to the membrane surface and the retentate is recirculated
to the fermenter. Particles that have deposited on the membrane can be swept away
depending on particle size, cross-flow velocity and other parameters. Cross-flow is very
effective in disturbing the formation of concentration polarization and fouling layers and
has been investigated by almost all researchers working with external loop reactors [52, 60–
64]. The only information about anti-fouling measures using enzyme reactors was given by
Wang et al. [65]. They used a sweep stream in each stage of their cascade ultrafiltration
bioreactor to remove fragments from the system along with the permeate - similar to a
cross-flow operation.
2.6 Conclusions and outlook
Membranes offer various advantages for biotechnology processes such as operation at low
temperatures and pressures and effective cell and/or enzyme separation based on size
exclusion. Therefore, their application in biotechnology processes has increased in the
past 10 years and they are nowadays part of almost every biotechnology production line
in downstream and/or upstream processing.
Membrane bioreactors for in situ product recovery are advantageous in that they combine
the reaction and the product recovery in one step. ISPR bits well with the trend toward
environmentally sustainable industrial processes, as it leads to lower energy consumption
and less waste effluent by process step integration.
To design a profitable industrial bioprocess for bulk products, it would be shortsighted to
just apply laboratory-scale data and select yield, product concentration and productivity
as the main parameters. Due to the large product amounts in commodity production, the
costs of upstream and downstream processing as well as the cost of the substrate are also
crucial [66]. As discussed above, process step integration is therefore a promising option
to increase the profitability of bioprocesses.
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q Submerged membrane reactors
Several different reactor-module-configurations using submerged membranes were presented
for whole-cell reactors. Some of them are suitable for mass production of bulk products:
in half of the publications regarding the cylindrical-rod design, the bulk chemicals ethanol
or lactic acid were produced. This evidence for an industrial applicability is supported
by Suzuki et al. [7] explaining that a Stirred Ceramic Membrane Reactor (SCMR) is not
suitable for laboratory scale, but rather designed for industrial applications.
Generally, stirred-tank reactors (e.g. SCMR) are widely used in chemical and biotechnolog-
ical production and are thus well-characterized which facilitates scale-up. This also applies
for the Λ– and Π–arrangement by Dhariwal et al. [1], who also applied ceramic membranes
such as the SCMR, only using a different arrangement of the filter rods. Another advantage
of these two concepts is the simple exchangeability of single rods in case of damage, due
to the use of standard fittings. In the case of hollow-fiber designs the whole module would
need to be exchanged if one fiber is damaged.
The vibrating membrane module introduced above, was designed to replace the primary
separation step of macromolecules from fermentation broths in the industry [43]. Unlike
stirred tank reactors, this reactor design is new and has not been extensively tested
for its effectiveness in bioreactions. However, the idea of fouling reduction by vibrating
membranes can easily be applied to other designs, too. Membrane flux was high with 40
L/(m2 h).
For enzyme reactors, submerged systems mainly operated with flat sheet membranes. No
information about scale-up practicability was given. However, in this reactor type the
membrane area is limited by the reactor diameter. If greater reactor volumes were used,
new membrane module solutions would have to be found, in order to keep the same ratio of
membrane surface area to reactor volume. Nevertheless, enzyme reactors with submerged
membranes are advantageous, because they rule out additional shear stress as well as a
fluctuation in reaction conditions. In case of enzymes, where preservation of activity is
crucial, these criteria are important.
In this thesis the focus is on submerged membrane reactors because of the inherent
advantages mentioned in this chapter. Whole cell reactors are considered here. A new
process will be introduced, namely reverse-flow diafiltration, for effective fouling prevention.
Fermenation of yeast cells, fungi cells as well as mammalian cells are used to validate the
process.
q Summary
In summary, submerged processes show high potential, especially in production processes
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for high-value products produced in low volumes such as antibodies. In these processes,
shear-sensitive, expensive organisms are used. Submerged reactors ensure constant reaction
conditions, rule out additional shear stress and have less cell loss because of reduced dead
volume. In addition, membrane surface area can be kept small, since these processes
usually operate with low production rates. For enzyme reactors, submerged membranes
are advantageous, since they prevent additional shear stress and fluctuations in reaction
conditions. Effective anti-fouling measures, such as backflushing with liquid or gas,
vibration and aeration are crucial, because cleaning in place is difficult.
Fluxes for submerged membranes (1 to 70 L/(m2 h)) and external loop reactors (30
to 80 L/(m2 h)) were comparable at equal cell concentrations. Therefore, submerged
reactors offer an interesting alternative for in situ product recovery. For the production
of high-volume bulk products, however, external loop reactors might be advantageous,
since product volumes are high and therefore fluxes or membrane surface areas need to be
high.
Up to now, there have not been many applications of in situ product recovery processes with
membranes in industrial scale. One of the reasons could be the strict regulations regarding
confidentiality in industry. One example of industrial scale-up is given by Cornelissen
et al. They report that their process design including a microfiltration membrane in an
external loop for the recovery of pharmaceutical proteins, has been successfully scaled-up
[67].
As mentioned in Section 2.2.2, the single-use bioreactor systems with membranes in an
external loop have also been industrially implemented, by GE and Sartorius. In particular,
single-use bioreactor designs with integrated membranes, such as the wave-bioreactor
design, have potential for scale-up for e.g. antibody recovery.
q Parameters affecting the ISPR process design
Various parameters that influence the choice of membrane process for ISPR need to be
considered. Figure 2.8 summarizes these parameters. The feed composition (the suspension
in the case of a whole-cell reactor; the solution in the case of an enzyme reactor) to be
filtered strongly effects the choice of membrane process design for ISPR. Primarily the
type of cells or enzymes has to be defined in order to choose an appropriate membrane
process design with regard to material, pore size and structure. The type of products,
byproducts, toxic compounds and/or other substances present, which need to be separated,
also influence the choice of the design. Most of the research groups worked with yeast cells
(e.g. Candida tropicalis, Pichia pastoris or Saccharomyces cerevisiae) or bacterial cells (e.g.
Acetobacter pasteurianus, Anaerobiospirillum succiniproducens, Bacillus thuringiensis or
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Bifidobacterium bifidum). The reasons for this could be their widespread use in research
for comparison of results and availability. Bulk chemicals are mostly produced with these
cell types. Consequently yeast cells have been chosen in this thesis to provide the proof of
concept of reverse-flow diafiltration [68].
Secondly, the membrane type and material are chosen with regard to the specific separation
task. Undesired adsorption of enzymes can be prevented by choosing a membrane with
the right surface charge. Membranes cited in the literature were either made of ceramic,
metal or a polymer. Metal and ceramic materials were mainly used for whole-cell reactors
with submerged membranes. This can be explained by the fact that the corresponding
sterilization takes place in situ together with the reactor content, so that the thermal
stability and the chemical resistance of these materials are advantageous.
Polymer membranes were mostly implemented in external loop reactors and in enzyme
reactors. Their advantages include lower costs and easy exchangeability.
Usually the productivity of the cells limits the maximum amount of product which can
be recovered per unit time without changing reaction conditions. This determines the
membrane area needed and must be taken into account for scale-up design of future ISPR
processes. A problem for scale-up for submerged membrane reactors could be that the
reactor volume increases by an order of magnitude of three, whereas the membrane area
of e.g. flat sheets only by an order of magnitude of two. Membrane module designs with
higher packing densities such as hollow fibers would be advantageous here.
As Figure 2.8 illustrates, process operation is characterized by various parameters: For
submerged designs, the packing density (membrane surface area to reactor volume) plays
an important role, since reactor space is always limited. Operation flux and permeability
characterize the stability of the filtration process. Especially in submerged reactors, fluxes
need to be carefully controlled to prevent rapid membrane clogging. Operation below the
critical flux is recommendable but has not often been investigated for ISPR operations
in the literature. Fluxes in submerged designs of as high as 70 L/(m2 h) were used in
combination with backflushing by using fermentation gas with an operation time of 26 h
[69]. For all experiments operated for 100 h or more, fluxes ranged from 2 to 20 L/(m2
h).
As Figure 2.8 also shows, anti-fouling measures are used to minimize flux decline during
the process. Here, reactor hydrodynamics can be affected, such as aeration or agitation,
to prevent loss in filtration performance. Both aeration and agitation are also needed for
maintaining of cell/enzyme activity. A reverse in flow direction over the membrane in
form of backflushing or -shocking is a common measure to prevent deposits on membrane
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Figure 2.8: Overview of influencing parameters of ISPR using micro– and ultrafiltration mem-
brane processes.
surfaces. Vibration or cross-flow operation, as it is applied in external loop reactors, are
also often applied. There has to be a trade-off between effective fouling minimization on
the one hand and energy consumption on the other hand. Vibration, agitation and aeration
are advantageous because no permeate is wasted. In case of reverse-flow diafiltration
introduced in this thesis no permeate is wasted because the feed solution provides 100 %
backflush [68].
Finally, sterilization is another factor influencing the chosen ISPR process design. The
membrane material and the sterilization technique play a role here. In the literature inves-
tigated, little details were given on sterilization measures. This aspect, however, is crucial
to consider in the future in order to guarantee the success of ISPR membrane processes for
large-scale production processes, which have strict sterilization requirements. A completely
sterile, biocompatible membrane reactor using polymeric hollow-fiber membranes for in
situ product recovery of itaconic acid has been published in [70]. The sterilization problem
is one of the reasons why interest in disposable systems has risen significantly in the past
years. Disposable membrane systems for ISPR, as introduced with the wave bioreactor
could be an attractive alternative.
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This chapter introduces materials and methods used throughout this thesis. Here, only
general information valid for all of the chapters is given. Case-specific information will be
given in the corresponding chapters.
3.1 Materials
3.1.1 Membranes
A hollow-fiber ultrafiltration membrane with a nominal pore size of 0.05 µm made from
polyether sulfone (PES; Puron, Koch Membrane Systems, U.S.A.) was used in the ex-
periments of Chapter 4 and 6. The outer and inner diameters were of 2.6 mm and 1.2
mm, respectively. The active layer was on the external surface (facing the fermentation
suspension). On the inside the active layer was supported by a fabric tube. The membrane
length was chosen as 2 m in the preliminary experiments with NaCl (cf. Chapter 4) and 1
m in all other experiments corresponding to an external surface area of about 164 cm2 and
82 cm2, respectively. This results in a membrane lumen volume (including porous volume)
of 5.6 mL and 2.8 mL, respectively. The membrane was chosen based on preliminary
characterization experiments such as bubble point, molecular weight cut-off measurements
and sterility.
For the experiments in Chapter 7 a different PES hollow-fiber membrane (Pentair, Nether-
lands) with the active surface on the inside was used. The nominal pore size was of 0.2 µm.
The outer and inner diameter were of 1.5 mm and 2.35 mm respectively. This membrane
was chosen based on flux-step experiments with antibody-containing fermentation experi-
ments (cf. Chapter 7). For both Puron and Pentair hollow-fiber membranes a porosity of
40 % was assumed.
Prior to each experiment the membranes were flushed inside-out with deionized water
to remove preservatives and afterwards clean water permeability was measured. In
addition the integrity of the membrane was checked with pressurized air at 0.5 bar above
atmosphere.
3.1.2 Solutions and supensions
Details about the different solutions and suspensions are given in the respective chapters.
In Chapter 6, a fungi suspension of Ustilago maydis for itaconic acid production is
investigated. In Chapter 4 and Chapter 8 commercially available baker’s yeast is used
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for filtration in different concentrations. In Chapter 7 another kind of yeast strain for
single-chain antibody production called Hansenula polymorpha is used.
3.2 Experimental set-up
The bioreactor working volume VR was 2 L for the experiments with yeast suspension
(used in Chapter 4) and 1.5 L for the fermentation suspension (Chapter 4, 6 and 7). The 2
L reactor was home-made, made of acrylic glass and had a diameter and height of 200 and
254 mm, respectively. For the experiments with U. maydis (cf. Chapter 6), a Sartorius
BIOSTAT® Bplus fermenter (Sartorius, Go¨ttingen, Germany) was used with a total filling
volume of 2 L. In the NaCl experiments in Chapter 4 a beaker was used with about 1 L
reactor volume. The reactor included two rods, one for feed supply and one for permeate
withdrawal (used in Chapter 4 and Chapter 6) and two connectors in Chapter 7.
The membrane module consisted of a hollow-fiber membrane wound in a helical form
around a cylindrical scaffold which was submerged in the bioreactor. Both ends were
attached to one of the rods/connectors for permeate withdrawal and feed supply. A
scheme of the module is shown in Figure 3.1. The module design was chosen due to the
high packing density it provides. Each experiment was performed with the same type
of membrane having the same properties (type, area and pure water permeability). In
Chapter 4 two types of membrane attachment were tested, single-end and two-end concept
respectively. In the single-end concept the permeate withdrawal and feed supply were at
the same side of the membrane and the other side was sealed with glue. In the two-end
concept the feed supply and permeate withdrawal were at opposite sides of the membrane
(compare Figure 3.1).
In a later experiment in Chapter 6, the membrane was placed in the center of the reactor
closer to the stirrer, fixed at the sensor probes which resulted in a diameter of about 100
mm. The membrane area to reactor volume was chosen based on empirical data from
NaCl and yeast experiments. Due to the higher complexity of the U. maydis suspension,
the area to reactor volume was doubled.
Data monitoring was done using LabVIEW software. Pressure in the feed and permeate
line was continuously monitored during experiments using two pressure sensors (WIKA
Alexander Wiegand SE & Co. KG, Klingenberg, Germany) with a measuring range from 0
to 4 bar absolute in Chapter 4 and 0 to 2.5 bar in Chapter 7. In Chapter 8 pressure ranges
of 0 to 4 bar in the feed line and 0 to 1 bar in the permeate line were used. Ambient
pressure values were obtained from the website of the Geographic Institute of the RWTH
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Figure 3.1: Picture of the membrane wound around the cylindrical scaffold in a helical form;
1 m (respectively 2 m) hollow-fiber membrane attached to feed and permeate
collection tubes, resulting in about three windings
Aachen University. Volume flow rates of feed and permeate were calculated with data
from two balances. Good mixing was ensured at all times with a magnetic stirrer (NaCl
and baker’s yeast experiments in Chapter 4, Chapter 8, 500 rpm) or a mechanical stirrer
(fermentation experiments with U. maydis, Chapter 6, 1000 rpm). Aeration was performed
with air. During baker’s yeast experiments an aeration rate of 0.5 volume per reactor
volume per minute (vvm) was applied and during fermentation experiments of 1 vvm. The
experimental set-up is shown in Figure 3.2 and Figure 3.3.
3.3 Reverse-flow diafiltration
Diafiltration in general describes a filtration method where the reactor volume stays
constant by replacing the removed permeate solution with e.g. a buffer fluid. Reverse-flow
diafiltration uses the nutrient solution, which is needed by the organisms for growing and
producing product, to replace the extracted permeate volume.
3.3.1 Simple reverse-flow diafiltration
Two different options of one experimental set-up were used in the experiments. The
first obvious process option (simple reverse-flow diafiltration or simple RFD) is to simply
switch between feeding substrate and extracting product solution. The particular feature
of this process option is that it consists of two steps: In the feed step, the feed pump
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(left-handside in Figure 3.2) supplies feed solution over the membrane into the reactor
(inside-out mode) and in the permeate step the permeate pump (right-handside in Figure
3.2) extracts permeate solution over the same membrane from the reactor (outside-in
mode). The steps of simple reverse-flow diafiltration consists of step A and C of Figure 3.4.
The feed and permeate volume added and withdrawn are equal, so no change in liquid
level in the reactor occurs. This concept was mainly applied in in Chapter 4 and Chapter
6. For the NaCl experiments in Chapter 4, step times ranging from 5 to 30 s were used for
both feed step and permeate step. In the experiments with yeast and fermentation broth
in Chapter 4 and 6 17 s and 60 s were applied.
q Internal recirculation
A variation of simple reverse-flow diafiltration included an internal recirculation. In these
experiments, half of the volume of the extracted permeate was pumped to a buffer tank.
In the feed step, half of the feed stream composed of this liquid from the buffer tank which
was added to the substrate solution taken from the substrate tank and then supplied to
the reactor.
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Figure 3.2: Experimental set-up of simple reverse-flow diafiltration with internal recirculation
The intention of this recirculation concept was to exchange a high amount of liquid over
the membrane while maintaining a low overall permeate removal. By using higher volume
exchange rates a faster convergence of product concentration in the permeate to the
concentration in the reactor was expected. Ideally both concentrations are equal. At
smaller volume extraction rates the remaining feed solution of the preceding feed step
in the membrane lumen (dead volume of the filter lumen) dilute the permeate sample
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significantly. The consequence is that substrate mixing in the permeate tank occurs. The
permeate volume per step VP [mL] is related to the volume of the membrane lumen (see
equation 3.1):
dV
dt
∣∣∣∣
P
× tP = VL × VP
VL
(3.1)
Where dV
dt
∣∣
P
is the permeate flow rate [mL/s] during permeate step, tP the duration of
the permeate step [s] and VL the lumen volume of the membrane including the porous
membrane volume [mL]. The process parameter to be influenced for this concept is the
permeate-to-lumen volume ratio VP/VL, which is investigated in Chapter 4.
3.3.2 Reverse-flow diafiltration with lumen emptying
The second process option (reverse-flow diafiltration with lumen emptying) implements
an emptying step with air and permeate (concept air emptying and permeate emptying,
respectively) after the feed step and a flushing step after the permeate step to empty
the dead volume. Emptying with air (concept air emptying) is accomplished via a valve
which is installed in the permeate line between the membrane and the permeate pump.
During the emptying step the valve opens to the surrounding air and the feed pump pumps
backwards, thus sucking air from the outside. Remaining feed solution in the membrane
lumen is pumped back into the substrate tank. Afterwards the valve closes the air inlet,
therefore permeate can be pumped out of the reactor into the permeate tank. The concept
is shown in Figure 3.3.
During emptying with permeate (concept “permeate emptying”) no valve is needed in the
emptying step. By running backwards the feed pump extracts permeate solution from
the reactor into the membrane lumen replacing the remaining feed solution. The process
scheme is the same as in Figure 3.3 but without the valve for air inlet. The membrane
volume to be emptied Ve was calculated adding the inner volume of the membrane and the
porous volume of the membrane wall. Equation (3.2) is valid for the experiments using
permeate emptying:
VP + Ve(+VBleed) = VF (3.2)
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Figure 3.3: Experimental set-up of reverse-flow diafiltration with air emptying (for permeate
emptying: without valve for air inlet)
Since a constant liquid level in the bioreactor needs to be ensured over time, the extracted
permeate VP together with the emptying volume Ve needs to be equal to the volume of
feed solution added VF . Both Ve and VP are actively withdrawn from the reactor. Ve is
equal to the flushing volume Vf (in Chapter 7 the flushing and emptying volumes were
varied). VBleed describes a non-filtered product stream (also called “bleed stream”), which
was implemented in the continuous fermentation experiments with U. maydis and H.
polymorpha, in order to prevent the accumulation of dead cells (cf. Chapter 6 and Chapter
7).
The four steps of one filtration cycle of permeate emptying are now introduced. A summary
of the steps is given in Table 3.1 and illustrated in Figure 3.4 A to D. Air emptying is not
shown here, since it works similarly.
Table 3.1: Pump settings during all steps; Here: permeate emptying
Step Feed pump Permeate pump Flow direction
Feed step Forward On hold Into reactor
Emptying step Backwards On hold Out of reactor
Permeate step On hold Forward Out of reactor
Flushing step Forward Forward No filtration
q Feed step
In the feed step the feed pump transports nutrient solution through the supply line. This
results in a positive pressure difference so nutrient solution is supplied over the membrane
from the inside of the module to the outside into the reactor. The permeate pump is
inactive and functions as a valve so no fluid passes the permeate line. This nutrient
addition functions as backflushing at the same time.
3
Materials and methods of reverse-flow diafiltration
55
q Emptying step
The purpose of the emptying step is to replace the nutrient solution from the previous feed
step which fills the internal volume of the module. Without this replacement, nutrient
solution would dilute the product solution in the following permeate step. Therefore the
feed pump runs backwards and withdraws permeate solution out of the reactor into the
membrane module and replaces the feed solution. The volume withdrawn is equal to the
inner volume of the module with 4.52 ml (not valid for Chapter 7 where emptying volume
is higher), including the membrane pores. Filtration direction is outside-in. (In case of air
emptying, air is sucked from the outside, and not over the membrane.)
q Permeate step
In this step, the permeate pump creates a vacuum in the permeate line. Consequently
permeate solution is extracted from the reactor and recovered into the permeate tank
while the cells are retained. The flow direction is again outside-in.
q Flushing step
This fourth step has a similar purpose as the emptying step. It is aimed at recovering the
remaining permeate solution in the internal volume of the membrane module and replacing
it with feed solution. Both feed and permeate pump are active and pump forward. After
the flushing step one filtration cycle is complete and the next cycle starts with the feed
step.
Reverse-flow diafiltration with lumen emptying was tested in order to operate independently
of the dilution rate. The dilution rate describes the volume of reactor content exchanged
per unit time in relation to the total reactor volume [h−1]. In other words it is described
by the reciprocal of the retention time tR, described in equation 3.3:
D =
1
tR
(3.3)
To enable future operation over a wide range of dilution rates, this concept was introduced.
This flexibility is important because (1) cell productivity is often the limiting factor in
fermentation processes meaning that only a certain mass of product is produced per time.
Therefore only a certain (small) amount of product can be extracted per unit time in
order to ensure constant reaction conditions. Smaller amounts of extracted volume imply
lower dilution rates, since supplied and extracted volumes need to be equal. (2) Certain
organisms only produce under specific nutrient limitations. This implies low volume flows
of feed solution which again result in low dilution rates. Therefore the ratio of VP to
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Figure 3.4: A: Feed step: Flow from inside of the module into the reactor to remove (1) cake-
layer built-up and (2) supply the organisms with nutrients;
B: Emptying step: Flow out of reactor into the module to replace remaining nutrient
solution inside the module lumen with permeate solution;
C: Permeate step: Flow out of reactor into the module to recover cell-free permeate
into the permeate tank;
D: Flushing step: Remaining permeate solution from the previous permeate step is
recovered into the permeate tank and replaced with nutrient solution; No flow over
the membrane.
VR, where VR describes the working volume of the bioreactor, was kept small at first in
order to facilitate future applicability. This dilution rate should be distinguished from the
problem of permeate dilution with feed solution which will be discussed in Chapter 4. In
later experiments (cf. Chapter 6 and 7) the applicability over a wide range of dilution
rates was tested.
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3.4 Analytics
3.4.1 Concentration of compounds
Samples were taken at regular intervals from the reactor, the permeate tube and the
permeate tank (in case of Chapter 4). The product concentration in the tank presents
the integrated product concentration in between sampling whereas the concentration in
the tube presents the local product concentration (cf. Chapter 4). Samples in all three
points were taken simultaneously. Samples were either centrifuged and decanted or filtered
with a sterile filter (Chromafil, Regenerated Cellulose, 0.45 µm) prior to storage at -20
◦C to avoid any further conversion by the cells. The difference in sample volume due
to different cell concentrations removed by centrifugation/filtration prior to analysis was
negligible.
Ethanol, itaconic acid and glucose concentrations were analyzed by HPLC (Series 1100,
Agilent, Boeblingen, Germany) using an organic-acid resin column of 250 × 8 mm with
a pre-column of 40 × 8 mm. As an eluent, 5 mM H2SO4 in water was used. The flow
rate was set to 0.5 mL/min at 45 bar and a temperature of 30◦C. For glucose and ethanol
analysis a refractive index (RI) detector and for itaconic acid a UV-vis detector at 210/360
nm were used.
Conductivity of NaCl was measured with a conductivity analyzer (Knick Labor-Konduktometer
703). Since experiments were performed with NaCl concentrations of 100 g/L, concentration
and conductivity can be assumed to be linear.
CTX antibody concentration were measured using a HPLC (KTA Micro, GE Healthcare,
USA) with a POROS-A chromatography column (model “POROS A20”, Applied Biosys-
tems, USA)(cf. experiments in Chapter 7). Samples were stored prior to analysis at 4◦C.
For analysis of antibodies produced by Hansenula polymorpha yeast cells, a FPLC device
was used (KTA FPLC, GE Healthcare, USA). Storage and sample preparation were done
as described above.
In case of Chapter 8 a sample container of 10 mL was filled during one filtration step.
After mixing the content of the sample container, 2 ml of suspension were pipetted and
filled into a new sample container for further analysis. The reactor sample of 2 ml was
taken directly out of the reactor with a pipette.
For each pair of samples from the permeate tube/tank to measure the local/integrated
product concentration, and from the bioreactor to measure the corresponding product
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concentration in the reactor, the product recovery PR (%) was calculated according to
equation 3.4:
PR =
CPpr
CRpr
(3.4)
where CPpr is the product concentration in the permeate tube/tank [g/L] and C
R
pr the
product concentration in the bioreactor [g/L]. Local product concentration might slightly
differ from the integrated concentration. The sample for measuring the local concentration
is taken from the permeate tube. Hereby an inefficient emptying in the preceding emptying
step can lead to a dilution of the permeate sample. When measuring values over a certain
time period (integrated product concentration), an average value will be reached and the
dilution effect will be less pronounced.
A value of PR < 100 % requires a higher permeate volume flow, in order to remove the
mass of product generated in the reactor (see equation 3.5):
V˙P =
mP,generated
PR · CRpr
(3.5)
Here PR is a dimensionless value between 0 und 1.
3.4.2 Filtration data
Flux and permeability values were calculated with the data from balances and pressure
sensors. The permeate flux JP [L/(m
2 h] was calculated according to equation 3.6:
JP =
VP + V e
AM(tP + te)
(3.6)
where VP is the volume recovered during permeate step, Ve the volume recovered during
emtying step, AM is the outer membrane surface area and tP and tf the duration of one
permeate step and one emptying step, respectively. The emtpying step is part of the
reverse-flow diafiltration concept with lumen emptying (cf. Section 3.3.2). Permeability P
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[L/(m2 h bar)] was then calculated with equation 3.7:
P =
JP
dp
(3.7)
where dp is the transmembrane pressure which is defined as:
dp = pambient − ppermeate (3.8)
with pambient the ambient pressure and ppermeate the permeate pressure measured in the
permeate line.
3.4.3 Cell retention and weight
The size of the yeast cells and the cell distribution was measured with a MultisizerTM 4
Coulter Counter (Beckman Coulter, USA). This device can count cells and simultaneously
detect their size. An aperture with a diameter of 100 µm which can detect particles
between 2.28 and 60 µm was applied. For each measurement, 20 µL culture broth was
diluted in 200 mL Beckman Coulter electrolyte. Of this solution, 1 mL was drawn through
the aperture and examined for particles. Particle-size distributions were analyzed with
the accompanying Multisizer 4 software. Samples were taken simultaneously from the
reactor and the permeate and were stored at 4◦C analysis to avoid any further metabolic
activity.
Cell retention describes the effectiveness of the filtration process. A high cell retention is
crucial for an in situ separation step. It is calculated as the number # of cells retained by
the membrane in relation to the number # of cells in the reactor [%] according to equation
3.9:
cell retention = (1− # of cells in permeate
# of cells in reactor
) · 100% (3.9)
To measure the dry cell weight (DCW) (used in Chaper 6), a 2 mL sample was centrifuged at
10,000 rpm for 5 minutes which was assumed to be efficient for complete cell sedimentation.
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Afterwards, supernatant was decanted. The remaining cell pellet was dried for 3 days at
60◦C. The O2 and CO2 concentrations in the exhaust gas were monitored using an exhaust
gas analyser (Rosemount NGA 2000, Emerson Process Management GmbH&Co. OHG,
Haan, Germany) equipped with a paramagnetic oxygen analyzer and an infrared carbon
dioxide analyzer.
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4.1 Introduction
A detailed overview of submerged membrane reactors vs. external loop membrane reactors
has been given in Chapter 2. Here, only the examples from literature are introduced which
come close to the reverse-flow diafiltration concept.
Lehmann et al. used a double-membrane stirrer with one membrane for aeration and
one for perfusion (addition of substrate), respectively, for the filtration of a mammalian
cell suspension [1, 2]. The aim was to aerate the system and to recover the produced
antibodies continuously. The perfusion membrane was used alternatingly for medium
supply and harvest. The procedure was called “fresh medium backflush procedure”. This
concept is similar to the reverse-flow diafiltration concept introduced here. Nevertheless,
the process was not optimized with regard to product recovery and the polypropylene
membrane (hydrophobic) used was not ideal for the filtration task [2].
Belfort et al. investigated leakage flow, the so called “Starling’s flow”, in hollow-fiber
bioreactors [3]. They stated, that by perdiodically reversing the flow direction over the
membrane, necrotic cell regions could be prevented. These usually suffer from limited mass
transfer. In another publication the authors invented a new, coiled hollow-fiber module
for the filtration of suspensions e.g. from biotechnology processes [4]]. They compared
this module with the conventional linear hollow-fiber module and found, that the coiled
module performed significantly better with regard to e.g. flux and capacity. This was due
to secondary flow generation by centrifugal forces in this module.
Recently, a paper has been accepted [5] that shows a fermentation process with similar
features as the here proposed process. Here however, this work focuses on the understanding
and quantification of the governing dynamic process features with the aim to precisely
control substrate use, product recovery, fouling minimization and process efficiency.
The variety of concepts for submerged membrane systems for in situ product recovery
shows, that some research has been done to cope with the fouling problem. The control of
deposition of particulate matter while ensuring continuous product recovery is an important
requirement for successful long-term operation. Especially for continuously operated
fermentation processes, a stable and easy-to-operate recovery process is crucial.
Disadvantages of all concepts mentioned above are (1) that permeate must be used in order
to recover membrane performance (except for the medium backflush concept) and (2) that
often large membrane areas are required due to low flux operation. In addition, ceramic
membranes, which are very robust in operation, have the disadvantage of providing low
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packing densities. This poses a problem since space in the reactor is generally limited.
Therefore new membrane concepts need to be found to ensure stable filtration performance
over longer time periods in order to be successfully applied in continuous fermentation
systems.
In this chapter the new operation concept called “reverse-flow diafiltration” for in situ
product recovery. Experiments with model yeast suspensions are reported in the following
investigating two different operation concepts of reverse-flow diafiltration. The first concept
is based on simply alternating feeding and product recovery steps. In the second concept,
intermediate membrane emptying steps are introduced to empty the dead volume of the
membrane lumen. Two different emptying concepts are analyzed as well as the influence of
cell concentration on product recovery values. The products measured is ethanol.
The aim of this study is to quantify the operational window and performance dynamics
of reverse-flow diafiltration for product recovery for continuously operated fermentation
processes. The challenge hereby is to achieve high product recoveries (ideally 100 %) under
these dynamic process conditions of reverse-flow flow direction reversal while minimizing
cake layer formation over time.
4.2 Experimental
4.2.1 Materials
A 100 g/L NaCl solution was used in the preliminary screening experiments where the
extend of dilution of the feed solution was investigated. As diafiltration buffer (feed
solution) deionized water was used. NaCl was purchased from Sigma Aldrich with a purity
of >98 %.
For the continuous fermentation experiments a model suspension containing commercially
available baker’s yeast in different concentrations of 1, 20 and 100 g/L was used. Baker’s
yeast was selected due to its widespread use in biotechnology industry [6–12], high
availability and the large amount of studies performed with filtration using this media.
The yeast cells were suspended in water prior to addition to the feed solution. After
adding the yeast to the feed solution the pH was adjusted to 4.5 using an acetate buffer
(sodium acetate from KMF, water free; acetic acid from Merck, 100 % purity). Buffer
components were added until the desired pH value was reached. The feed solution in the
experiments with yeast cells consisted of: 20 g/L glucose, 10 g/L bacto peptone and 10 g/L
yeast extract (all purchased from Carl Roth: glucose α-D-monohydrate >99.5 %; bacto
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peptone: trypton/pepton from casein) in deionized water. This feed solution was used as
diafiltration buffer and for preparation of the 2 L yeast suspension. The temperature in
the reactor was kept constant at 30 ◦C during experiments.
4.3 Results and discussion
Two different options of one experimental set-up were used in the experiments. Simple
reverse-flow diafiltration (with the option of internal recirculation) and reverse-flow diafil-
tration with lumen emptying (of air and permeate respectively). The following sections
will analyze the different concepts experimentally and compare them with each other in
terms of product recovery and filtration performance.
4.3.1 Simple reverse-flow diafiltration
The experiments using simple RFD were done with internal recirculation and without.
The concept is described in greater detail in Chapter 3.3.1. The process parameter to
be influenced for this concept is the permeate-to-lumen volume ratio VP/VL, which is
investigated in the following section.
Influence of permeate to lumen volume VP/VL
In the experiments using simple reverse-flow diafiltration, a model solution of NaCl was
used to investigate different ratios of 0 to 10 VP/VL. The aim of the experiments was to
see how product recovery values develop in relation to the extracted permeate volume. A
ratio of VP/VL <1 most likely just leads to mixing of feed solution and permeate which
is undesired. Here, the lumen volume VL is constant. The extracted permeate volume
VP can be varied by (1) increasing the pump interval, (2) increasing flux or (3) internal
recirculation. Internal recirculation means that half of the volume exchanged per step over
the membrane is recirculated, corresponding to a ratio of 1:1 of recirculated volume to
extracted permeate volume (see Figure 3.2). This ratio was chosen due to the simplicity of
experimental modification. A solution of NaCl was chosen as reactor content to represent
an ideal filtration solution. At a constant flux value of 58 L/(m2 h)and 108 L/(m2 h)
respectively, the pumping intervals of feed and permeate were gradually increased. Both
pumps supplied equal amounts of volume, so the total reactor volume remained constant
over time. Each experiment was carried out for 10 minutes. The conductivity in the
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reactor and of the accumulated permeate was measured after 10 minutes and product
recovery was calculated according to equation 3.4. Instead of concentration values the
conductivity values were taken. Each sample point in Figure 4.1 represents the product
recovery of one pair of samples after 10 minutes. In Figure 4.1a, product recovery is
plotted against pumping interval time. When the pumping interval was increased, product
recovery values increased linearly. Since with a longer pumping interval a higher permeate
volume per permeate step is recovered, the dilution of the permeate due to remaining feed
solution in the membrane lumen becomes relatively small. The product recovery therefore
increases. The same trend can be observed when the flux is increased.
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(a) Product recovery over pumping interval at a
flux of 58 L/(m2 h) and 108 L/(m2 h) with
and without recirculation
(b) Product recovery over VP /VL ratios
Figure 4.1: Simple reverse-flow diafiltration; Filtration with NaCl solution, 100 g/L; Each
experiment lasted for 10 min.
Figure 4.1b shows the product recovery values over the individual VP/VL ratios of the
same experiments discussed above. The higher this ratio the greater the product recovery
measured and the values approach 100 % asymptotically. This underlines the above
mentioned effect, that with increasing VP the dilution by feed solution becomes small and
therefore product recoveries become high. The results show that dilution becomes less
significant with increasing VP/VL ratio. The greater VP/VL the more the dead volume
VL, filled with feed solution, is compensated. The line is just drawn to guide the eye.
Modelling product recoveries for the internal recirculation concept is more sophisticated
to calculate based on a mass balance and beyond the scope of this thesis.
These results show that product recovery increases with increasing amount of liquid
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exchanged per step (or permeate volume extracted). This can be achieved by (1) increasing
pump interval (here from 5 to 30 s), (2) increasing flux (e.g. from 58 to 108 L/(m2 h) or
(3) internal recirculation (compare graphs of 58 L/(m2 h) with and without recirculation).
In conclusion, very high VP/VL ratios would be needed to get close to the desired 100
% recovery value. Also in terms of total product recovery (mass product instead of
concentration) the trend is for all the three parameters named above the same: Increase
in pump interval, flux or recirculation leads to higher recoveries in terms of mass of
product.
The disadvantage of this concept is obviously that a very large amount of exchanged
volume over the membrane is needed in order to achieve satisfactory product recoveries
and eliminate the dilution effect by the substrate solution which leads to lower product
recoveries. Since an ideal filtration solution without any particles was used here, this
problem is expected to be even greater when using biological suspensions. Larger permeate
volumes would clog the membrane surface thus reducing the membrane performance over
time.
Even though the results show the applicability of the concept of simple reverse-flow
diafiltration, in order to operate independently of the dilution rate, reverse-flow diafiltration
with lumen emptying was introduced to address these issues. The dilution rate mentioned
here describes the volume of reactor content exchanged per unit time in relation to the total
reactor volume. This term is commonly used in biotechnology and is to be distinguished
from the dilution of the permeate due to feed solution.
4.3.2 Reverse-flow diafiltration with lumen emptying
In the experiments using RFD with lumen emptying, first the effect of emptying was
investigated (cf. Section 4.3.2). Next, air and permeate emptying were compared in terms
of filtration stability and product recovery (cf. Section 4.3.2. Experiments with NaCl and
yeast suspension were performed.
Influence of emptying
q Experiments with NaCl solution
In order to optimize product recovery, especially at smaller VP/VL ratios, reverse-flow
diafiltration with lumen empyting was analyzed in experiments where both an emptying
and a flushing step were implemented (cf. Figure 3.4). Smaller VP/VL ratios are desired
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when the process needs to be operated at smaller dilution rates (cf. Chapter 3.3.2). Smaller
dilution rates imply smaller permeate volumes recovered per unit time.
This concept was operated with single-end hollow-fiber membranes as well as two-end
hollow-fiber membranes to determine whether there exists a noticeable difference in product
recovery. The single-end concept was used for easier implementation in the reactor: only
one port to the reactor would be necessary and the chance of contamination during
fermentation would be less. As can be seen in Table 4.1, at a VP/VL ratio of 3, product
recoveries for single-end membranes were of about 40 % (experiment no. 1 and 2) which is
much less than for a two-end membrane (experiment no. 1 and 2, membrane two-end)
which reached between 70 and 80 %. This difference in product recovery might be due
(1) to pressure losses in the permeate step which are more pronounced in the single-end
concept. Another reason could be (2) the additional dead volume which is needed for this
set-up. Due to the pressure drop at the tip of the single-end membrane, not the whole
membrane area is available for filtration. In case of the two-end membrane, the membrane
is more evenly stressed, because the membrane is connected to pumps on both sides: In
the permeate emptying concept, permeate solution is extracted from both sides of the
membranes (from left during emptying, from right during permeate step). Greater dilution
effects due to inefficient emptying in the single-end concept might also contribute. Due to
these results the single-end concept was not further pursued.
Table 4.1: Process option with air emptying and permeate emptying; Filtration with NaCl
solution, 100 g/L; Single-end and two-end membranes
Membrane single-end Membrane two-end
Experiment no. 1 2 1 2 3 4
Emptying method Permeate Permeate Permeate Air Permeate∗ Air∗
VP
VL
- 3 3 3 3 1 1
Ve ml 1 1 1 1 4 4
PRlocal [%] 36 39 79 74 92 85
PRint [%] 37 40 88 85 92 84
∗ with flushing
Both emptying mechanisms with air and permeate respectively, using a two-end membrane
were tested with NaCl solution as reactor content. Due to the small emptying volume
of 1 mL in these experiments, corresponding to about 30 % of the total lumen volume,
product recovery values were not higher than 80 %, which was still significantly higher
than for the single-end membrane concept. Product recoveries in these experiments were
below 100 % and comparable to the values in Figure 4.1. At these small emptying volumes
there is no visible difference between air and permeate emptying (experiments no. 1 and
2, membrane two-end). Obviously the emptying volumes need to be larger in order to
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achieve higher product recoveries. In subsequent experiments a higher emptying volume of
4 mL, which is higher than the lumen volume, was chosen, with air emptying and permeate
emptying respectively (experiments no. 3 and 4, membrane two-end). A ratio of VP/VL=1
was chosen in this case. This smaller ratio was chosen to demonstrate that reverse-flow
diafiltration with lumen emptying operates independently of the VP/VL ratio: Since
the remaining feed solution in the membrane lumen is replaced with permeate solution
beforehand, this ratio should not play a role anymore. The results yielded (1) higher
product recoveries for both emptying modes than using simple reverse-flow diafiltration
(Figure 4.1) where product recoveries about 65 % could be achieved at this ratio. Another
conclusion which could be drawn (2) was that higher product recovery values could be
achieved for the permeate emptying mode than for the air emptying mode. In conclusion
it could be demonstrated, that reverse-flow diafiltration with lumen emptying is effective
in operating independently of the VP/VL ratio.
q Experiments with yeast suspension
The emptying effect was also investigated in experiments with yeast cells using a concen-
tration of 20 g/L, with ethanol as a product and glucose solution as substrate. Values for
tP and tF in these experiments were of 60 s and for te and tf 15 s. This corresponds to
an emptying volume of 3.7 mL with a flow rate of 0.25 mL/s. The aim was to visualize
the positive effect of lumen emptying on product recovery and to see which emptying
mechanism is more effective.
It was shown before, that product recovery values are influenced by the VP/VL ratio
when using simple reverse-flow diafiltration. For this concept the ratio should be greater
than 1. Otherwise mixing of nutrient solution and product solution takes place. To
the contrary, using reverse-flow diafiltration with lumen emptying, this ratio does not
matter, since emptying is included. To show this, two experiments were performed with
VP/VL ratios of 0.5 without emptying (simple reverse-flow DF) and 0.7 with emptying
(reverse-flow DF with lumen emptying), respectively. The latter ratio is slightly higher
due to the emptying step which also recovers permeate. This must be included since it
is part of the step sequence of RFD with lumen emptying. A small emptying volume
of 2 mL was chosen (about 60 % of VL). The ratio of VP/VL, as well as the emptying
volume were kept low to clearly visualize the difference between the two concepts at a
given ratio. The first experiment was conducted without emptying/flushing step (simple
reverse-flow diafiltration). The second experiment was conducted with four steps using
permeate for emptying (reverse-flow diafiltration with lumen emptying). The experiments
were performed one after the other using the same membrane.
In Figure 4.2a the recovery values of the product ethanol over 25 h for both operation
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modes is shown. In Figure 4.2b the substrate glucose concentration is plotted for the same
experiments. The reference value indicates the glucose concentration in the feed solution
of 20 g/L which is added to the bioreactor.
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Figure 4.2: Experiments with yeast cells. Tests done with emptying and flushing (VP /VL=0.7)
and without these steps (VP /VL=0.5).
Figure 4.2a shows that emptying has a positive effect on product recovery, so operation
at low VP/VL ratios is enabled. The ratio of VP/VL was kept constant during the
experiment. Due to the relatively small emptying volume of 2 mL in this experiment, the
product recovery using lumen emptying is below 50 %. With larger emptying volumes
the effect is expected to be even more pronounced resulting in higher product recoveries.
The fluctuations of the recovery values are probably due to natural variability. The
emptying efficiency might also vary over time. As can be seen from Figure 4.2b, the glucose
concentration in the permeate for the operation mode without emptying is significantly
higher due to remaining glucose solution in the lumen and tubing system. A glucose
concentration in the permeate higher than in the reactor means that feed solution containing
glucose is not (completely) removed during the emptying step. Therefore it dilutes the
permeate in the subsequent permeate step and lowers the product recovery. Consequently
mixing of feed solution and product solution takes place. Using the emptying concept,
the glucose concentration in the permeate as well as in the reactor becomes zero. Equal
glucose concentrations in the permeate and in the reactor is the ideal case since that
means that the emptying step was successful. During emptying, the remaining glucose
solution in the membrane lumen after the feed step is replaced by permeate extracted from
the bioreactor. Therefore in the subsequent permeate step mainly permeate solution is
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recovered. This effect can be seen in Figure 4.2b. The glucose concentration in the reactor
is zero in both cases because it gets completely metabolized by the yeast cells.
Influence of emptying mechanism (permeate, air)
Two emptying mechanisms were investigated, air and permeate emptying (as explained in
Chapter 3.3.2). Fermentation suspensions containing yeast cells were tested in order to
assess the effectiveness of the two concepts. As has been shown in Table 4.1, permeate
emptying leads to higher product recoveries than air emptying. To verify these results,
experiments with yeast suspensions have been performed.
q Experiments with yeast suspension
Experiments with 1 g/L yeast cells were performed to investigate the effectiveness of
both emptying mechanisms with air and permeate respectively. Figure 4.3a shows that
product recoveries for the same VP/VL ratio of 2.2 were visibly higher for the concept with
permeate emptying than in the case for air emptying. In the beginning of the permeate
emptying experiment, an even smaller VP/VL of l.3 was chosen. Despite this, product
recoveries were still higher.
One likely reason is the insufficient emptying process with air. Since the air supply is
placed further down the permeate line the volume to be emptied is larger. It includes the
volume of the permeate tube between the valve and the membrane and the membrane
itself. In addition, the effective membrane area might be reduced due to entrained air
bubbles in the membrane pores which could lead to reduced membrane permeability. The
lower product recovery for the air emptying concept is likely due to left over feed solution
in the pores, which does not get removed as effectively by air emptying therefore lowers
the product recovery by dilution. Significantly higher flow rates of the permeate pump
would be needed for the concept with air emptying to achieve similar product volumes
and recoveries to account for these disadvantages.
When using permeate emptying, product recovery values are above 100 %. Part of this
phenomenon can be explained with the method of sample taking. Samples from the reactor
and the permeate tube are taken at one point in time. Nevertheless the permeate needs
about 15 min to reach the end of the permeate tube after extraction from the reactor.
This time delay is due to the hold-up volume of the membrane and the permeate line,
the permeate needs to pass until reaching the end of the permeate line. Meanwhile the
reactor content is further diluted by the feed solution. The data in Figure 4.3a for the
permeate emptying have been corrected accordingly. Though recovery values are still
above 100 %. Figure 4.3c shows the product concentrations instead of the ratios for air
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and permeate emptying. Even though investigated thoroughly and intensively, it remains
an open question why the concentrations in the permeate are slightly higher than in the
reactor for the permeate emptying concept. However, the author feels that this unexplained
phenomenon does not compromise the scientific content of the technology.
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Figure 4.3: Air vs. permeate emptying concepts with yeast cells; (VP /VL=2.2 for air emp-
tying; VP /VL=1.3 for permeate emptying; change to VP /VL=2.2 after >20 h;
concentration of yeast cells 1 g/L). Lines were drawn to guide the eye.
In Figure 4.3b glucose concentrations measured in the experiments using the two concepts
are plotted over time. The reference line again indicates the glucose concentration in the
feed solution. In line with the ethanol values in Figure 4.3c the values for glucose using
the concept of air emptying are higher than for the permeate emptying concept. The
glucose concentration is a good indicator for evaluation of the emptying effectiveness: The
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higher the concentration of glucose in the permeate, the less effective the emptying and
the lower the product recovery values due to mixing of permeate and feed solution. Even
though the difference in glucose concentration is not very pronounced, it is still visible
that for the air emptying concept the concentration is always above zero in the permeate,
whereas in the reactor it is constantly zero. The drop in glucose concentration for the
air emptying concept can be explained by the larger volumes to be emptied (membrane
volume plus tubing volume between membrane and valve). Therefore it takes more time
to effectively remove all remaining glucose solution. This is documented in Figure 4.3b
where the glucose concentration only drops to zero after a few hours. For the permeate
emptying concept, glucose values are almost constantly zero.
Figure 4.4 shows flux and permeability values for the two different emptying concepts.
Air emptying (grey symbols) with a VP/VL ratio of 2.2 showed about the same values as
permeate emptying with a ratio of only 1.3. This shows that in order to achieve similar
permeability values, the air emptying concept needs much higher pumping effort. When
increasing the VP/VL ratio with permeate emptying to 2.2 (see Figure 4.4) much higher
fluxes are observed than for the concept using air emptying. The lower flux for the air
emptying concept is due to entrained air bubbles in the membrane und tubing which lower
the overall flux.
Due to these results the reverse-flow diafiltration concept with permeate emptying is used
for further investigations described in the following sections.
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Figure 4.4: Flux (circles) and permeability (squares) for reverse-flow diafiltration with lumen
emptying using air (grey symbols) and permeate (white symbols) (VP /VL=2.2 for
air emptying; VP /VL=1.3 and 2.2 for permeate emptying; concentration of yeast
cells 1 g/L)
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Influence of cell concentration
Three different yeast concentrations of 1, 20 and 100 g/L respectively were tested in the
experiments in order to evaluate the influence of cell concentration on product recovery
and permeability. The assumption was that with increasing cell concentration mass
transfer limitations from the bulk solution to the membrane surface in the reactor would
increase thus reducing product recoveries. Due to the increased viscosity with higher cell
concentrations, permeability would be expected to decline. In Figure 4.5 the values of
product recovery for the three concentrations are plotted over time.
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Figure 4.5: Ethanol recoveries for different yeast concentrations (VP /VL=1.3; concentration of
yeast cells 1, 20 and 100 g/L)
The recovery values for the 1 g/L suspension are visibly higher than for the 20 and 100
g/L yeast cells as expected. This confirms the effect of cell concentration on product
recovery. For an increase in concentration from 1 to 20 g/L, a significant effect could be
observed whereas from 20 to 100 g/L the performance was not very sensitive to the cell
concentration. With increasing cell concentration the cake layer deposition increases as
well. This cake layer presents an additional volume where mass transfer of nutrient solution
into the bulk and product solution into the membrane is hindered. The emptying volume
would likely need to be increased in order to account for this additional hold-up volume.
This could be a reason why product recoveries for 20 and 100 g/L are lower.
In Figure 4.6 the flux and corresponding permeability data are plotted over time. The
flux using a suspension of 20 g/L was chosen higher in the beginning and was lowered to
40 L/(m2 h) after a couple of hours which was the same value as the operation flux of the
other two concentrations (compare Figure 4.6b ). The different fluxes at the beginning of
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the experiments are not problematic, since product recovery is independent of flux for the
reverse-flow diafiltration with lumen emptying. As expected, the permeability data show
higher values for the 1 g/L suspension (steady state permeability 440 L/(m2 h bar)) than
for the 100 g/L suspension (380 L/(m2 h bar)). The data for the 20 g/L suspension are in
the same range as the 1 g/L suspension data. In both filtration experiments a drop of the
permeability in the first couple of hours can be observed after which it stabilizes at about
400 L/(m2 h bar). The permeability for 100 g/L drops below 400 L/(m2 h bar).
Therefore it can be concluded that permeability is affected by high cell concentrations
such as 100 g/L. When using low concentrations such as 1 and 20 g/L, permeability is
relatively less influenced. Also when comparing the permeability values to the clean water
permeability (500 to 700 L/(m2 h bar)) the drop for the 100 g/L suspension is more
pronounced. Interestingly the permeability values behave differently than the product
recoveries. When comparing Figure 4.5 and Figure 4.6 it can be observed that product
recoveries for 20 and 100 g/L yeast suspension are similar whereas permeability values
are higher for the 20 g/L suspension. Obviously a high permeability does not necessarily
imply a higher product recovery.
(a) Flux (b) Permeability
Figure 4.6: Flux and permeability data of the experiments with different yeast concentrations
(concentration of yeast cells 1, 20 and 100 g/L; VP /VL=1.3)
In literature the effect of cell concentration has also been investigated. Park et al. stated,
that with yeast cell concentrations of more than 16 g/L more frequent backflushing
intervals needed to be applied in order to operate the process effectively [13]. This is in
agreement with the results presented here which show that permeabilities change when
higher concentrations are used. Naja et al. showed that at low yeast cell concentrations
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between 3.0 and 4.3 g/L, no effect on permeability could be observed [14].
In literature examples can be found of different strategies in filtering yeast fermentation
suspensions. Beier et al. investigated the critical flux in experiments using a vibrating
microfiltration module with 5 g/L dry cell weight (approximately 20 g/L wet cell weight)
[6]. In experiments of a few hours, the critical flux was shown to be of 15 L/(m2 h) with a
TMP of 0.045 bar corresponding to a permeability of about 330 L/(m2 h bar). Comparing
these values with the ones using reverse-flow diafiltration, it can be concluded that the
reverse-flow diafiltration concept has a great potential for future use in industrial processes
for ensuring high permeabilities.
4.4 Conclusions
In situ product recovery with submerged hollow-fiber membranes was investigated using
a new operation concept called reverse-flow diafiltration. The objectives of this study
were to enable (1) continuous product recovery with (2) stable filtration performance
(e.g. no decline in permeability). One continuous membrane hollow-fiber was used for
both feed supply and permeate withdrawal. Two different process options were tested:
Simple reverse-flow diafiltration consists of two steps, one for feed supply and one for
permeate withdrawal. This concept worked well when using high permeate-to-lumen
volume ratios. At lower ratios the dilution effect due to the remaining feed solution in
the membrane lumen became too significant. To solve this problem a second process
option (reverse-flow diafiltration with lumen emptying) applied an operation mode with an
intermediate emptying step of the membrane lumen between the feed and permeate steps.
Product recoveries using reverse-flow diafiltration with lumen emptying were investigated
using air and permeate emptying. Air emptying proved to be effective but posed problems
in operability due to entrapped air bubbles which caused problems to process operation.
In addition the volume to be emptied was larger because the air supply needed to be
placed in the permeate line. With permeate emptying, stable product recoveries could be
achieved therefore fulfilling successfully one of the objectives of this study. The emptying
step is especially important when (1) larger membrane lumen volumes are used and/or (2)
lower dilution rates (referred to the exchanged reactor volume per time) are desired.
An effect of cell concentration on product recoveries could be observed. At low concentra-
tions of 1 g/L product recoveries were about 100 %. When using concentrations of 20 and
100 g/L of yeast cells, product recoveries were less with about 70 %. This could be due
to an additional dead volume which is presented by the cake layer. The higher the cell
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concentration the more pronounced the cake layer is expected to be.
Filtration stability could be achieved with high permeabilities of more than 400 L/(m2 h
bar) (which is close to the clean water permeability) for more than two days for various
yeast concentrations up to 100 g/L. This fulfilled the second objective, namely stable
filtration performance.
There are yet some disadvantages of the reverse-flow diafiltration concept which need
further optimization: Once irreversible fouling starts, emptying of the lumen might not be
as effective anymore. Here the emptying interval should be adapted. To monitor this, it
would be helpful to measure the substrate concentration in the permeate tank continuously.
Substrate loss would contaminate the permeate and would further complicate downstream
processing.
In Chapter 6 the reverse-flow diafiltration concept is further tested with the complex
fermentation suspension of U. maydis. The effect of compounds in the fermentation
suspension such as lipids and proteins on the product recovery is studied. Long term
fermentation processes at different dilution rates and its influence on membrane performance
are also tested.
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5.1 Introduction
Liquid membrane filtration is a complex process with different physical, chemical and
biological phenomena influencing the process [1]. Process modeling helps to get a better
process understanding and to increase process performance. Various models have been
developed in the past, especially for membrane bioreactors (MBR) in wastewater treatment.
MBR processes are very similar to in situ product recovery processes in various aspects, i.e.
both are low-pressure, often outside-in filtration, working in a submerged filtration mode.
Most of the models for MBRs introduced in literature are based on the resistance-in-series
approach. Carre`re et al. set up a model for cross-flow filtration to process fermentation
broth from lactic acid production [2]. They implemented four different resistances, namely
the intrinsic membrane resistance, adsorption, concentration polarization and cake layer.
Darcy’s law was used to obtain flux values. This law gives the relation between flux and
transmembrane pressure. The intrinsic membrane resistance was measured in clean-water
experiments. Broeckmann et al. modified an existing model and implemented particle and
membrane pore size distribution [3]. They also used the resistance-in-series concept to
model wastewater treatment processes. Busch et al. set up a very comprehensive model
for a submerged membrane process for wastewater treatment [1]. The model is based on
the resistance-in-series approach considering cake-layer built-up, pore blockage, scaling,
concentration polarization and biofouling. A connection between inside and outside of
the membrane is done via transmembrane pressure as well as Darcy’s law. A sensitivity
analysis showed that average particle diameter, porosity of the filter cake and particle
density had a strong influence on resistance built-up. These models all have in common
that they use the resistance-in-series approach for water filtration.
So far no model has been set up for an in situ product recovery process using membranes.
Here the concept of models from wastewater treatment based on the resistance-in-series
approach has been adopted and modified. Ideal conditions were assumed, so cake-layer
formation or pore blockage were not considered. However the model could be easily
extended in the future. The aim was to gain a better understanding of the in situ
membrane separation process for optimal process operation, in terms of product output,
transmembrane pressure as well as pressure loss. Especially the emptying step is highly
sensitive to pressure loss, since higher fluxes are applied here. For future scale up it
is crucial to know the limits of membrane length to decide whether parallel or series
connection of membranes are advantegeous. Experiments using reverse-flow diafiltration
have been performed beforehand using two different operation modes, namely reverse-flow
diafiltration with air and permeate emptying (see Chapter 4). First, parameter estimation
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is performed using experimental data. Second, the two process modes of permeate and
air emptying are compared and the sensitivity of transmembrane pressure (TMP) and
product recovery are analyzed based on the simulation results.
5.2 Materials and methods
5.2.1 Experimental
The experiments for model validation were performed with 9 wt.-% sodium chloride (NaCl)
in water. Deionized water was used as diafiltration buffer (feed solution). NaCl was
purchased from Sigma Aldrich with a purity of 98 %. Details of the experiments can
be found in Chapter 4. The membrane used in the filtration experiments was a single
hollow-fiber ultrafiltration membrane with a nominal pore size of 0.05 µm made from
polyether sulfone (PES, Koch Membrane Systems, U.S.A.) (for more details cf. Chapter
3). The membrane length was chosen between 0.96 and 0.99 m corresponding to an
external surface area between 78 and 80 cm2. Experiments with a submerged hollow-fiber
membrane in outside-in filtration mode were performed. Experiments with permeate
emptying were characterized by a feed, emptying and permeate step and experiments with
air emptying by all four steps (cf. Chapter 3 for description of steps).
Transmembrane pressure (TMP) ∆p data [bar] were taken to fit the model. It is calculated
as per equation 5.1 and 5.2:
∆p = pambient − ppermeate (5.1)
∆p = pambient − pfeed (5.2)
where pambient is the ambient pressure inside the reactor [bar] and ppermeate and pfeed the
pressure in the permeate and feed line, respectively [bar]. During outside-in filtration the
TMP is thus positive and during inside-out filtration negative. Axial pressure loss ∆ploss
[bar] in the hollow-fiber membrane was calculated according to equation 5.3:
∆ploss = pω − pα (5.3)
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where ω is at the end of the membrane close to the permeate site and α close to the
feed site. Product recovery (PR) describes the concentration of transmitting compound
(reaction product) in the permeate tank in relation to the concentration in the reactor
[%]. The latter is assumed to stay constant, since it refers to a continuous fermentation
process. Product recovery values are calculated based on equation 3.4 in Chapter 3. 100
% product recovery implies that the entire product goes through the membrane and there
is no retention. Calculation of permeate flux JP [L/(m
2 h)] was done as shown in equation
5.4:
JP =
V˙
AM
(5.4)
with V˙ the volume flow rate over the membrane [L/h] and AM the outer membrane area
[m2]. Volume flow rate was given to the model in form of rotation speed of the pump
[rpm] and the model converted this value based on a calibration constant into the volume
flow rate. Volume flow rate and rotation speed had a linear relation. The model was set
up in gPROMS and is further described in section 5.3. The intrinsic membrane resistance
Rmem [m
−1] is calculated according to equation 5.5:
Rmem =
∆p
JP η
(5.5)
with η as the fluid viscosity [Pa s] which is assumed to be equal to water viscosity. This
resistance was also determined experimentally in clean water measurements.
5.2.2 Numerical method
Flow through membrane lumen can be simply modelled using the Hagen-Poiseuille equation
for laminar flow in smooth, circular tubes. The following assumptions were made: (1)
laminar, steady-state flow is assumed taking an ideal fluid, (2) η is a function of temperature,
(3) all values are averaged over the cross section of the membrane.
For modeling the flow through the membrane wall, the membrane was assumed to function
as a porous filter according to the pore flow model. It describes the membrane-controlled
mass transport where flux linearly increases with transmembrane pressure (TMP). Non-
ideal effects such as cake-layer formation or pore blockage are not considered. The model
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is based on a Hagen-Poiseuille flow, where the membrane pores are assumed to function
as parallel capillaries [4] (see equation 5.6):
vcap =
d2h
32 η
∆p
LC
(5.6)
vcap describes the velocity inside one capillary passing through the hollow fiber wall [m/s],
∆p the transmembrane pressure [Pa], and LC the length of one capillary [m]. The hydraulic
diameter dh [m] is defined according to equation 5.7:
dh =
4
SV (1− ) (5.7)
with SV as the volume specific surface area [m
2/m3] and  as the porosity of the membrane
[-]. For the velocity in the capillaries equation 5.8 can be applied:
vcap =
JP

=
m˙′′P
ρ 
(5.8)
where JP describes the permeate flux [L/(m
2 h)], m˙′′P the mass transport based on the
area [kg/(m2 s)] and ρ the density of the permeate [kg/m3]. Equation 5.9 gives the linear
relation between permeate flux JP and transmembrane pressure ∆p:
JP =
m˙′′P
ρ
= AC∆p (5.9)
where AC is the Carman-Kozeny constant [m
2 s/kg], which needs to be determined
experimentally and which describes the intrinsic membrane resistance according to equation
5.10. This resistance can be determined in clean water experiments [4].
A =
3
η (1− )2 S2V 2 τ δ
(5.10)
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with τ as the tortuosity of the membrane [-] and δ the thickness of the membrane [m].
The tortuosity is defined as follows:
τ =
L
δ
(5.11)
5.3 Model description
The model was set up in the process modeling platform gPROMS (PSE, United Kingdom).
Parameter estimation was done to find the missing model parameter to complete the
model, which could not be determined experimentally. These were the membrane resistance
Rmem [m
−1] and the amount of pores contributing to the flow profile kpore [%]. Parameter
estimation was based on the maximum likelihood method: Hereby an unknown parameter
is estimated in such way that a set of experimental data has the greatest likelihood [6].
The reverse-flow diafiltration (RFD) process was modeled which is described in detail in
Chapter 3. Figure 5.1 shows a scheme of the process.
Tank Permeat
Tube 1
Pump 1 Pump 2
Tank Feed Fermenter
Tube 2
Valve Permeat
Air supply
Valve Feed
M
Figure 5.1: Scheme of the diafiltration set-up
The model consists of various submodels namely 2 tanks, 2 pumps, 2 valves, 2 tubes
(between valve and membrane on the feed and permeate side respectively), 1 flow converter
on the permeate side between pump and tank (due to modeling-related reasons; not shown
in Figure 5.2) and 1 membrane. Figure 5.2 shows the model structure schematically. The
submodels are connected and controlled by a super model called “diafiltration model”.
Connections between submodels are volume flow rate V˙ , concentration of product c,
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volume percentage of fluid x based on the total volume and pressure p. The diafiltration
model passes all time-dependent information down to the submodels.
Diafiltration
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Valve 1Pump 1Tk-Feed
Membrane
Tube 2
Valve 2 Pump 2 Tk-Permeate
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Vflow feed, 
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Figure 5.2: Flow diagram of the complete model
Two different process modes of reverse-flow diafiltration are modeled: (1) RFD with
permeate emptying and (2) RFD with air emptying. Both modes are characterized by 4
steps: (1) feed step, (2) emptying step, (3) permeate step and (4) flushing step. Step (2)
and (4) are very short compared to the main steps (1) and (3). Table 3.1 in Chapter 3
describes the pump settings of all 4 steps.
Submodels
The central part of the model is the membrane. It is based on the resistance-in-series
approach and can therefore be expanded optionally. Here a volume balance is used instead
of a mass balance, considering volume expansion of the gas (cf. equation 5.12). Figure 5.3
shows an infinitesimal membrane element with exiting and entering volume flow rates.
0 = V˙in − V˙out + V˙pore + V˙exp (5.12)
V˙in describes the entering and V˙out the exiting volume flow rate respectively [mL/min],
V˙pore the volume flow rate from the membrane pores into the lumen [mL/min] and V˙exp the
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V̇in
V̇out
V̇MV̇pore
Figure 5.3: Volume balance for an infinitesimal membrane element
gas expansion based on the ideal gas law. The spatial resolution is done in longitudinal
direction of the membrane so values are averaged over the membrane cross section. The
balance for N membrane elements for the liquid phase is therefore as follows:
VL
N
dxout
dt
= xinV˙in − xoutV˙out + xM V˙M (5.13)
with VM the volume of the membrane lumen. The compound passing the membrane
(product) is defined as:
VL
N
dcout
dt
= cinV˙in − coutV˙out + cM V˙M (5.14)
where x is the liquid volume fraction [-] and c the concentration of the passing compound
(product) [g/L]. Depending on the flow direction, the volume flow rate V˙M has the
characteristics from the pore fluid (inside-out filtration) or from the membrane lumen
(outside-in filtration). Pressure loss over the membrane length is calculated via the
momentum balance. The Darcy equation is used for mass transport over the membrane
based on the resistance-in-series approach:
V˙M = A2
1
η Rtotal
∆p (5.15)
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with Rtotal the overall resistance of the membrane [m
−1] and ∆p the transmembrane
pressure [Pa]. The only resistance considered in this model is the intrinsic membrane
resistance Rmem therefore:
Rtotal = Rmem (5.16)
In the analysis of the product recovery it turned out to be insufficient to estimate the
lumen volume as the open internal volume of the hollow fiber only. The actual effective
volume is increased by a certain percentage of the fiber wall. This part kpore of the total
porosity  was determined in parameter estimation using air emptying to be about 43 %.
Thus, the total lumen volume is defined as:
VL =
pi
4
d2i L+ kpore
pi
4
(d2out − d2in) L  (5.17)
Figure 5.4 shows a scheme of the flow profile in the membrane lumen with v the flow
velocity in the membrane [m/s] and r the radial control variable [m]. The real flow profile
is approximated in the model with a rectangular profile.
v
r
Real course
Modeled course
dout
din
Membrane
wall
Figure 5.4: Flow profile within the membrane: Real and modeled profile.
It is important to notice that this volume contribution is negligible in the estimation of
the lumen side pressure drop of the hollow-fiber. The tanks are described by simple mass
balances. The density for the permeate is assumed to stay constant, so the mass balance
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can be written as a volume balance (see equation 5.18):
dVtank
dt
= xoutflow V˙outflow (5.18)
where xoutflow describes the liquid volume fraction [-] in the permeate stream into the
tank, V˙outflow the entering/exiting stream [mL/min] and Vtank the volume pumped in/out
of the tank [L]. For the feed side xoutflow is always equal to 1, whereas for the permeate
side it can be unequal to 1 when air emptying is used.
In addition the model comprises a component balance for the transmitting compound
(product) according to equation 5.19:
dc
dt
=
xoutflowV˙outflow
Vtank
(
coutflow
xoutflow
− c) (5.19)
with c the concentration of transmitting compound in the tank and coutflow the concentra-
tion of transmitting compound in the stream entering the tank [g/L]. The concentrations
can also be considered dimensionless. In this case they would be based on a reference
value such as the concentration in the fermenter, just as the product recovery defined in
Chapter 3.
Pumps and valves provide information of the volume flow rates and the possible air supply.
Valves are three-way valves which connect the membrane with the pumps or serve as air
supply in case of air emptying.
5.4 Results and discussion
Experimental data from experiments with sodium chloride were taken for parameter
estimation and model validation. Both air and permeate emptying experiments were used.
The experimental pressure data were fitted for parameter estimation. Next the sensitivity
of transmembrane pressure as well as product recovery was investigated.
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5.4.1 Model validation
This chapter shows model validation results for both process modes. Experiments with
permeate emptying were performed without flushing step and air emptying with flushing
step. Step times for both process modes are shown in Table 5.1. The constant flux applied
was of about 93 L/(m2 h).
Table 5.1: Step times for experiments using permeate and air emptying
Parameter Unit Permeate emptying Air emptying
t feed step s 40 60
t emptying step s 2 15
t permeate step s 40 60
t flushing step s - 10
Pressure data were fitted with the model where the membrane resistance Rmem was
estimated. Figure 5.5 shows that experimental results could be reproduced well.
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Figure 5.5: Fitted transmembrane pressure data for a permeate emptying experiment; Symbols
present experimental data and lines simulated data. Constant flux applied in feed
and permeate step 95 L/(m2 h).
Estimated values were close to the value for total membrane resistance given by the
manufacturer of the membrane. Therefore this value of 3.6 · 1011 m−1 is chosen for further
simulation.
For experiments using air emptying, the fitting of the pressure data was equally good.
What is prominent is the higher estimated membrane resistance of Rmem (outside) = 7.20
± 0.12 1011 m−1. This has also been observed in the experiments, where higher TMP
values were measured at a constant flux applied. A reason could be entrapment of air in
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the membrane pores which increases the membrane resistance. In addition, the interfacial
tension of air and water contributes to the resistance.
Besides pressure, the product recovery is another important parameter to characterize
the process. Product recovery describes the concentration of product in the permeate
stream related to the concentration in the reactor (see Chapter 3 equation 3.4). In the
NaCl experiments ideal conditions are assumed, since no cake layer is built up. Therefore
a product recovery of 100 % is expected. A product recovery below 100 % implies dilution
with feed solution due to inefficient emptying. Product recovery for permeate emptying is
solely dependent on process setting, but not on estimated parameters. For air emptying
however kpore was estimated with 43 %. Simulated product recovery values were compared
with experimental data to ensure reproducibility by the model. Experimental data for
both process modes were reproduced well. Figure 5.6 exemplifies experimental as well as
simulated results of product recovery for permeate emptying .
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Figure 5.6: Experimental data of product recovery (white data points) and simulated date
(line); Experiments with permeate emptying.
5.4.2 Process comparison
A direct comparison of the process modes of air and permeate emptying was performed
with regard to transmembrane pressure and product recovery. Transmembrane pressure
was always higher using air emptying, probably as the consequence of the extra resistance
from air entrapment as explained above. Product recovery values were compared, since
they describe the process output. Process parameters for simulation are shown in Table 5.2.
kpore was chosen as 43 % from parameter estimation as explained in Section 5.2.2.
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Table 5.2: Parameters used for simulation for comparison of the two process modes.
Step Time Rotation speed Flux
- [s] [rpm] [L/(m2 h)]
Feed step 60 30 46
Emptying step variable 60 92
Permeate step 60 30 46
Flushing step 10 60 92
Table 5.3 shows the results of the simulation of both parameters. The relative deviation
describes the difference between permeate and air emptying. The shorter the emptying
step the smaller the differences in product recovery between the two process modes. This
is expected since product recoveries of both modes should be equal without emptying.
With higher emptying times, permeate emptying becomes more effective.
During air emptying longitudinal flow predominates and pores are not directly emptied.
Parameter estimation showed that maximum 43 % of the pores contribute to the flow
profile. In contrast, during permeate emptying pores are completely flown trough from the
outside to the inside of the membrane. In addition, the volume to be emptied is higher
for air emptying, since the tubing between air inlet (valve) and membrane adds to the
emptying volume. The emptying step would need to be much longer to obtain similar
results to permeate emptying, in order to compensate for this dead volume.
Table 5.3: Influence of emptying time on product recovery using air and permeate emptying
Emptying time Air emptying Permeate emptying Rel. deviation
[s] [%] [%] [%]
10 83.4 84.2 0.96
15 88.6 90.2 2.37
20 91.3 94.9 3.94
In addition, the emptying step length was adjusted to have a maximum product recovery
of 100 %. 100 % product recovery resembles the ideal case of CPp = C
R
p . Results showed
that for complete permeate emptying 39 s are needed whereas for air emptying 139 s are
needed. The longer time for air emptying results from the inefficient pore emptying and
the additional dead volume in this process mode as explained above.
In conclusion, permeate emptying proved to be more effective than air emptying requiring
less time for emptying. Net permeate output is maximized with high permeate recovery
time to total cycle time. The shorter the emptying time, the more time for permeate
recovery and the higher net permeate output. In addition, transmembrane pressure values
are lower for permeate emptying than for air emptying.
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5.4.3 Influences on pressure profile
Transmembrane pressure is an important parameter for process stability. Therefore the
influence of different parameters on pressure profile was analyzed. The following three
main influencing parameters were investigated:
• Membrane length,
• permeate flux and
• membrane resistance.
Flux is directly coupled with membrane resistance via Darcy’s law. However, when
considering an additional resistance in the future this correlation is not valid anymore.
Therefore both the resistance and the flux were included for comparison. Permeate
emptying was chosen for the sensitivity analysis and pressure data during permeate step
were analyzed. The settings used during simulation are summarized in Table 5.4.
Table 5.4: Parameters used for simulation for sensitivity analysis.
Step Time Rotation speed Flux
- [s] [rpm] [L/(m2 h)]
Feed step 60 65 100
Emptying step variable 80 123
Permeate step 60 65 100
For comparison membrane length was plotted in percentage of total length, with 0 %
the beginning of the membrane close to the feed line (α in equation 5.3) and 100 %
(ω in equation 5.3) close to the permeate pump (see Figure 5.1). Figure 5.7a shows
that membrane length does not have a significant effect on the pressure exerted by the
pump until 20 % of the length. Total pressure loss on the other hand varies strongly
within the membrane. Pressure loss increases with increasing distance from the permeate
side, so it becomes maximum for L = 0 %. This implies decreasing driving force with
increasing distance or with other words, decreasing flux with increasing distance from the
pump. Table 5.5 shows that total pressure loss becomes more pronounced with increasing
membrane length.
TMP was highly sensitive to flux or membrane resistance. This linear relationship is
described by Darcy’s law, implying that only the intrinsic membrane resistance is effective
(cf. equation 5.15). Figure 5.7b shows the influence exemplarily for the permeate flux.
Table 5.6 gives an overview of the sensitivity of TMP to all three parameters. The
maximum deviation from the base case is given.
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Table 5.5: Total pressure loss over the membrane with increasing membrane length. Pressure
difference between beginning (pα) and end of membrane (pω) is given.
Membrane length L ∆ploss
[m] [bar]
1 0.022
2 0.156
6 0.394
MembranePump 1 Pump 2
ppermeate
ploss
(a) Influence of membrane length on transmem-
brane pressure; solid line (base case): L=1
m; dashed line: -20 %, L=0.8 m; dotted
line: +20 %, L=1.2 m.
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(b) Influence of permeate flux on transmem-
brane pressure; solid line (base case): J=100
L/(m2 h); dashed line: -20 %, J=80 L/(m2
h); dotted line: +20 %, J=120 L/(m2 h).
Figure 5.7: Sensitivity of transmembrane pressure to membrane length and permeate flux.
Table 5.6: Sensitivity analysis of transmembrane pressure ∆p to membrane length, permeate
flux and membrane resistance.
Length L Flux JP Resistance Rmem
-20 % +20 % -20 % +20 % -20 % +20 %
∆p variation [%] -4.5 +5.4 -20 +20 -20 +20
In conclusion, the high sensitivity of flux and resistance shows that it is crucial to have
accurate experimental data of pressure and flux in order to do the parameter estimation of
the resistance. Pressure loss increases with increasing membrane length. This is especially
important for scale-up, when deciding between series or parallel connection of membranes.
Emptying becomes less effective with increasing membrane length due to the increasing
pressure loss. This will be further discussed in the next section (see section 5.4.4).
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5.4.4 Influences on product recovery
In this section the main influencing factors on product recovery are analyzed:
• Time of emptying step,
• flux during emptying step Jempty,
• flux during permeate step JP ,
• Concentration of transmitting compound ctrans and
• membrane length.
Product recovery is calculated by taking the product concentration in the permeate tank
and divide it by the concentration in the reactor (assumed to be constant). The base case
for simulation was the same as in the previous chapter. Table 5.7 summarizes the results
of the simulation where the five parameters were varied. tempty, Jempty and Jperm, have
little influence on product recovery when varying it by 20 %. Figure 5.8a shows as an
example the influence of emptying time. Both emptying time tempty and emptying flux
Jempty influence the emptying volume Vempty [mL]:
Vempty = Jempty AM tempty (5.20)
As discussed in section 5.4.2 a product recovery of 100 % can be theoretically achieved by
variation of Vempty. However, therefor Vempty needs to be increased by 1400 %.
Table 5.7 and Figure 5.8b show that the concentration of product ctrans has very strong
impact on product recovery. ctrans (and consequently product recovery) could be reduced
by (1) e.g. adsorption or electrostatic effects when filtering real fermentation broth (cf.
Chapter 6) or (2) by dilution with left-over feed solution in the membrane lumen due to
inefficient emptying (cf. Chapter 7). Consequently, accurate modeling of mass transport
on/in the membrane is of high importance in order to obtain reasonable product recovery
values. The slight fluctuations in product recovery in Figure 5.8a and 5.8b are caused by
dilution from left-over feed solution in the membrane lumen. Mixing with feed solution
lowers the product concentration in the permeate tank which then levels off at a steady-
state concentration. The fluctuations can be minimized by increasing the emptying volume
Vempty.
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Table 5.7: Sensitivity analysis of emptying time, emptying flux, permeate flux and concentration
of transmitting compound on product recovery.
Time tempty Flux Jempty Flux JP ctrans
-20 % +20 % -20 % +20 % -20 % +20 % -20 % +20 %
Vempty [mL] 3.4 5 3.4 5 4.2 4.2 4.2 4.2
PR variation [%] -0.7 +0.5 -1.6 +1.1 -0.7 +0.5 -20 +20
Emptying flux shows a slightly higher influence on product recovery than emptying time
with 1.1 % increase vs. 0.5 % increase for emptying flux and emptying time respectively.
This is due to the fact that with increasing flux the membrane load varies over the length
and therefore pore emptying also varies. However, this difference in influence is not
significant.
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(a) Solid line (base case): tempty = 15 s; dashed
line: -20%, tempty = 12 s; dotted line:
+20%, tempty = 18 s.
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dashed line: -20%, ctrans = 80%; dotted
line: +20%, ctrans = 120%.
Figure 5.8: Influence of (a) emptying time tempty and (b) concentration of transmitting com-
pound ctrans on product recovery.
Finally the influence of membrane length on product recovery was investigated. Three
different membrane lengths were tested: 1 m length as the base case, and 0.7 m and 1.3 m
for comparison, representing +30 % and -30 % of the base case. Emptying volume of the
three cases was calculated and flux during emptying was adapted accordingly by +/- 30
%. Thereby it was accounted for the complete membrane lumen volume in all cases. The
intention was to see the influence of pressure loss on product recovery. Table 5.8 shows
the relative variation of product recovery referred to the base case of L=1 m.
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Table 5.8: Influence of membrane length on product recovery.
Length L
-30 % +30 % +300 %
PR variation [%] 2.2 -1.8 -4.3
The results show that product recovery decreases with increasing membrane length. This
is caused by the inefficient emptying for longer membranes: Because of the pressure
loss during filtration, volume flow rate decreases over membrane length (see Figure 5.7a)
leading to an incomplete emptying of the membrane lumen. This issue is further discussed
in Chapter 7.
5.5 Conclusions
A simple model was designed based on the resistance-in-series approach to model reverse-
flow diafiltration operation for in situ product recovery. Parameter estimation was used
to fit experimental pressure data from experiments using a model solution which showed
very good agreement. Subsequently, the model was used to analyze the sensitivity of
transmembrane pressure as well as product recovery to various parameters.
It was shown that pressure loss varies strongly over the membrane length. Total pressure
loss increases with membrane length. Therefore, shorter membranes are desired to ensure
uniform membrane stress. Increasing pressure loss implies a decrease in driving force over
the membrane which then leads to an irregular filtration behavior. The concentration of
transmitting compound (product) showed a strong impact on product recovery values.
Therefore accurate mass transport modeling is crucial for process design. Chapter 7 goes
into more detail on how the problem of pressure loss during emptying can be countered in
a real process.
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5.6 Notation
∆p bar Transmembrane pressure
pambient bar Ambient pressure
ppermeate bar Permeate pressure
pfeed bar Feed pressure
∆ploss bar Pressure loss in membrane lumen
pω bar Pressure in membrane lumen on the permeate side
pα bar Pressure in membrane lumen on the feed side
JP L/(m
2 h) Permeate flux (also flux during permeate step)
Jempty L/(m
2 h) Flux during emptying step
Rmem m
−1 Membrane resistance
Rtotal m
−1 Total resistance
η Pas Viscosity
vcap m/s Velocity in membrane capillary
LC m Length of one membrane capillary
dh m Hydraulic diameter
SV m
2/m3 Volume specific surface area
 − Porosity of the membrane
m˙′′P kg/(m
2 s) Mass transport based on membrane area
ρ kg/m3 Density of the permeate
AC m
2 s/kg Carman-Kozeny constant
τ − Tortuosity of the membrane
δ m Thickness of the membrane
AM m
2 Total membrane area on the outside
din m Inner membrane diameter
dout m Outer membrane diameter
r m Membrane radius
v m/s Fluid velocity
x − Liquid volume fraction
c g/L Concentration of product
ctrans g/L Concentration of transmitting compound (product)
passing the membrane
kpore − Part of porous volume contributing to flow profile
Vtank L Volume in permeate/feed tank
L m Membrane length
PR − or % Product recovery
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V˙M mL/min Volume flow rate over membrane wall
V˙in mL/min Volume flow rate entering membrane lumen
V˙out mL/min Volume flow rate exiting membrane lumen
V˙pore mL/min Volume flow rate in the membrane pores
V˙exp mL/min Volume expansion
VL mL Volume of the membrane lumen
Vempty mL Emptying volume
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CHAPTER 6
Continuous production and in situ recovery
of itaconic acid in a membrane bioreactor
A modified version of this chapter has been published: F. Carstensen, T. Klement, J.
Bu¨chs, T. Melin, M. Wessling, In situ recovery of itaconic acid in a membrane bioreactor,
Bioresource Technology 137 (2013) 179187, DOI: 10.1016/j.biortech.2013.03.044
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6.1 Introduction
Since fossil resources will get scarce in the near future, there is a rising need to develop
alternatives to fossil-based fuels and chemically-derived products. Biofuels derived from
lignocellulosic biomass present such an alternative [1]. Here, the lignocellulosic material is
first fractionated into its components cellulose, hemicellulose and lignin. Subsequently,
the cellulose may be enzymatically hydrolyzed to glucose. In the following step, glucose
is fermented by microorganisms to a platform chemical. Platform chemicals present a
pathway to synthesize biofuels. Their sustainable production from biomass marks an
important step towards renewable fuels. Research has lately focused on the production of
various platform chemicals, such as malic acid, levulinic acid and itaconic acid [2]. In the
future, these platform chemicals may serve as building blocks for production of fuels as
well as polymers.
Itaconic acid is a platform chemical produced from renewable resources which can replace
petrol-based chemicals such as methacrylic acid [2–6]. A comprehensive overview of the
biotechnological production of itaconic acid has recently been published by some of the
authors [4]. The fungus Ustilago maydis is known to be a potential organism for its
production from glucose by a fermentation process [7].
Continuous fermentations benefit from various advantages compared to batch processes:
provision of a constant product stream for downstream processes, higher productivity
and space-time yield in the bioreactor provide process intensification, thus reducing costs
and plant size. To optimize such a continuous operation, cell retention in the bioreactor
is recommended [8]. Without cell retention, the microbial growth rate µ equals the
dilution rate D, which is the reciprocal of the retention time (cf. Chapter 3). This
equilibrium between cell reproduction and cell loss lasts until the maximum growth rate
of the microorganism is reached. At higher dilution rates, the microorganism cannot
compensate the continuous loss of cells and is washed out. However with cell retention, the
microorganisms are retained in the reactor and the process can, therefore, be operated at
higher dilution rates without wash-out of the organisms [9]. In addition, the productivity
can be enhanced since higher cellular concentrations can be reached [10, 11].
One possibility for cell retention is the use of membranes which are coupled to the bioreactor
either externally in a side stream or internally (submerged). A detailed comparison of
these two process concepts has been done in Chapter 2. One major drawback of membrane
processes is cake-layer formation eventually leading to flux deterioration. Cake layer
formation can significantly affect the operation performance and is hard to control [12, 13].
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Especially in a continuously run process, it is crucial to ensure a constant filtration rate
for providing constant reaction conditions. Therefore, one major focus of the research
work presented was to cope with this drawback and prevent cake-layer formation.
Fungi suspensions present an even more challenging filtration task than yeast or bacteria
filtration. They tend to block surfaces rapidly due to e.g. surface-active compounds
which they produce [14]. Other authors have reported that polysaccharides produced by
fungal cells adsorb on the membrane surface resulting in rapid decline in flux and protein
transmission [15, 16]. Ustilago maydis, used as itaconic acid producer in this study, is
known to produce glycolipids which are highly surface-active biopolymers [17].
This work presents the experiments conducted in a continuously-run fermentation process
in laboratory scale, using the fungus U. maydis for itaconic acid production applying
reverse-flow diafiltration for continuous product recovery. Results of product recovery
values as well as filtration performance will be presented. The overall challenge is to
optimize these values when filtering such a complex suspension. Two different variations
of reverse-flow diafiltration are introduced in the following. Furthermore, the influence of
the different broth constituents, such as U. maydis cells and supernatant, on membrane
fouling is analyzed. In addition the influence of the pH value of the broth on fouling is
investigated.
6.2 Materials and methods
6.2.1 Materials
Microorganism and medium
All experiments in this study were performed with Ustilago maydis MB 215 which was
kindly provided by Michael Bo¨lker, Philips-Marburg Universita¨t. It is available at the
German Collection of Microorganisms and Cell Cultures under accession number DSM17144
(MB215).
For the AM medium, 50 g/L glucose was applied with 3.67 g/L ammonium sulfate resulting
in a molar carbon-to-nitrogen ratio of 30. In particular, the medium contains 50 g/L
glucose, NaH2PO4 5.4 g/L, (NH4)2SO4 3.67, and 20 mL/L of the 50× salt stock solution
and 0.2 mL/L of 5000× mineral stock solution. (NH4)2SO4 and both stock solutions were
sterilized separately and added after autoclaving. Before autoclaving, the pH-value of the
medium was adjusted to 5.0 to prevent precipitation of MgNH4PO4. The 50× salt stock
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solution consists of: 100 g/L KCl, 4 g/L Na2SO4, 105 g/L MgCl2×6 H2O, and 1.47 g/L
CaCl2×2H2O. The 5000× mineral stock solution consist of: 5 g/L H3BO3, 4 g/L MnSO4,
4 g/L ZnSO4×7 H2O, 20 g/L FeSO4×7 H2O, 0.4 g/L MoO3×2 H2O, 0.4 g/L CuSO4×5
H2O, 1 g/L KI, and 10 g/L citric acid.
All precultures were cultivated in the AM medium in 250 mL shake flasks with a filling
volume of 20 mL and inoculated with 200 L from cryostock cultures. The precultures were
cultivated at 30◦C and were shaken at a shaking frequency of 300 rpm with a shaking
diameter of 50 mm. To keep the pH-value in a narrow range, the shake flask medium was
buffered with 33 g/L CaCO3 which was sterilized separately as 330 g/L stock solution and
added after autoclaving.
For the continuous cultivation of Ustilago maydis, a Sartorius BIOSTAT Bplus® fermenter
(Sartorius, Goettingen, Germany) was used with a filling volume of 2 L and a diameter
of 130 mm. All cultivations were performed in the AM medium. The temperature was
set at 30◦C. The pH value of 6.0 was controlled with 5 M sodium hydroxide solution. To
prevent foam formation, the silicon-based antifoam Plurafac LF1300 (BASF, Ludwigshafen,
Germany) was used. The dissolved oxygen tension (DOT) was kept constant at 30 % air
saturation by adjusting the stirring rate (500 - 2000 rpm). As U. maydis grows yeast-like
in submerse cultivations, the cells were not negatively affected at high stirring rates used
in this study. The bioreactor was aerated with an aeration rate of 2 L/min (1 vvm). Two
Rushton turbines with a diameter of 53 mm ensured a turbulent flow over the whole
fermentation time.
Proteolytic assay
For analyzing the effect of proteins in the supernatant on filtration behaviour, the fermen-
tation broth was first centrifuged to obtain the supernatant. Then the supernatant was
boiled for 10 min to denaturize the proteins and afterwards cooled to 37◦C. The pH was
then set to 7.25 by adding ammonium hydrogen carbonate, which is the optimum pH for
the enzyme. 50 mg of the proteolytic enzyme trypsin was added to the supernatant for
breaking down the proteins present in the broth. During the experiment, this solution was
placed on a heating and stirring plate at 700 rpm and 30◦C for 14 hours.
6.2.2 Analytics
Measurements of the respiration activity in shake flasks were performed in a homemade
respiration activity monitoring system (RAMOS) device. Shake flasks experiments were
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performed with U. maydis cells and the oxygen transfer rate was monitored [18, 19].
Commercial versions are available from Ku¨hner (Birsfelden, Switzerland) or Hightech Zang
(Herzogenrath, Germany). This device enables online determination of the oxygen transfer
rate (OTR), carbon dioxide transfer rate (CTR), and respiration quotient (RQ). Variations
of the metabolic activity of a microorganism can thus be detected using RAMOS.
For the Zeta potential measurements of the membranes a SurPASS Electrokinetic Analyzer
(Anton Paar, Graz, Austria) was used. The pH range was from 2.0-12.0. The “SurPASS
Adjustable Gap Cel” was used with 0.001 mol/L potassium chloride solution.
Equal dosing times were chosen for feed and permeate step. Flow rates were set according
to the desired dilution rate. The permeate flow rate was adjusted according to the
non-filtered product stream, so the balance in equation 3.2 was kept. Flow rates were
not controlled during the experiments. Therefore, the flow rate was adjusted at times.
Information about step settings in the different experiments is given in the figure captions.
Real flow rates could slightly vary from the set-point flow rates, therefore approximate
values are given here.
6.3 Results and discussion
6.3.1 Filtration performance in continuous fermentation exper-
iments
In the continuous fermentation experiments the aim was to provide (1) stable filtration
performance in terms of moderate transmembrane pressure values, (2) stable product
concentrations in the permeate stream, ideally equal to the reactor, and (3) cell retention
to provide higher cell densities and, consequently, higher space-time yields (also called
volumetric productivity). First experiments with and without cell retention showed that
space-time yield with cell retention is up to 10 times higher than without cell retention (cf.
Tabele 6.1, shown for one dilution rate of D=0.2 h−1 as an example).
Table 6.1: Space–time yield from experiments with cell retention vs. without cell retention;
D=0.2 h−1 , non-filtered product stream = 50%
Dry cell weight Itaconic acid Space–time yield
- g/L g/L g/(L h)
With cell retention 35 4 0.8
No cell retention 18.4 0.42 0.084
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In literature, no continuous production of itaconic acid with U. maydis has been reported
yet. However, several studies exist on continuous processes with Aspergillus terreus which
is the commonly applied itaconic acid producer [4]. Among these, only Kobayashi &
Nakamura (1966) and Rychtera & Wase (1981) worked with suspended, non-immobilized
cells of A. terreus and achieved considerable lower maximal space-time yields for itaconic
acid (0.48 and 0.32 g/L/h, respectively) [14, 20]. With immobilized A. terreus cells, the
highest reported space-time yield was 1.2 g/(L h) [21]. For the batch production of itaconic
acid, Kuenz et al. [5] listed the available literature data for A. terreus and showed that
most space-time yields range between 0.4 - 0.6 g/(L h). As a space-time yield of 0.8 g/(L
h) could be achieved in first experiments with the presented membrane bioreactor (see
Table 6.1), the continuous itaconic acid production with U. maydis can be considered as
promising approach.
Continuous fermentation experiments were performed with (1) simple reverse-flow diafiltra-
tion and (2) reverse-flow diafiltration with permeate emptying to improve product recovery
values. Permeability and product recovery values were monitored during the experiments
and taken for evaluation.
6.3.2 Permeability and flux
The first experiment was performed in dead-end mode to observe the permeability decline
(transmembrane pressure increase) at constant flux. The second experiment was performed
using reverse-flow diafiltration with lumen emptying. Preliminary experiments showed
that in terms of filtration performance it does not make a difference whether simple RFD
or RFD with lumen emptying is used. Figure 4 A shows flux and permeability data of the
dead-end experiment. The flux was kept constant at a very low value of 3 L/(m2 h). It was
chosen low in order to operate below the critical flux. Above the critical flux, membrane
blockage occurs which leads to unstable conditions. The critical flux concept has been
extensively investigated in literature [22–25]. As can be seen in Figure 6.1a, permeability
declines rapidly from about 90 L/(m2 h bar) to about 30 L/(m2 h bar) with an average
transmembrane pressure (TMP) increase of 0.13 bar/h and a dry cell weight (DCW) of 28
g/L. Figure 6.1b shows the data for the reverse-flow diafiltration concept. Note, that very
different scales were used in Figure 6.1a and 6.1b. The flux was kept constant at about 50
L/(m2 h) during permeate step. The fluctuations were likely due to the complex nature of
the fungal cells, which made it very difficult to keep a constant flow. In addition, the flow
was not controlled via a proportional-integral-derivative (PID) controller, but a flow rate
was set. Therefore, pulsations of the pump could cause slight variations in flux.
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(a) Dead-end operation, 2.5 mL/min (DCW=
∼ 28 g/L).
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(b) Reverse-flow diafiltration fitted (with
VP /VL=2.3; DCW=27 g/L; air emptying).
Figure 6.1: Flux and permeability of fermentation suspension containing U. maydis cells. (b):
Time for feed and permeate step 60 s and for emptying and flushing step 10 s; Flow
rates were 8 mL/min for the feed and 5 mL/min for the permeate step and 12.6
mL/min for emptying and flushing step.
The permeability data of RFD in Figure 6.1b show only very little increase of TMP,
about factor 100 less than for dead-end operation. No backflushing was applied in the
dead-end experiment in order to simulate worst case conditions. Still, it is visible that
the initial permeability of 90 L/(m2 h bar) in the dead-end experiment is far below the
initial permeability of reverse-flow diafiltration which is about 700 L/(m2 h bar) at a much
higher flux of about 50 L/(m2 h) during filtration. Permeabilities and fluxes for RFD
are given here for the permeate step. In addition, dead-end experiments with regular
backflushing after 15 min were performed in order to analyze whether initial TMP values
could be restored (not shown here). These experiments showed that TMP values using
dead-end filtration with backflush were still about 5 times as high as for reverse-flow
diafiltration.
In literature, examples can be found of different strategies for fouling control in submerged
filtration using yeast suspension. Beier et al. (2006) investigated the critical flux in
experiments using a vibrating microfiltration module with 5 g/L dry cell weight. In
experiments of a few hours, the critical flux was shown to be at 15 L/(m2 h) with a TMP
of 0.045 bar corresponding to a permeability of about 330 L/(m2 h bar). Comparing
these values with the results of reverse-flow diafiltration which provided a steady-state
permeability of about 400 L/(m2 h bar) with a dry cell weight of about 27 g/L, it can be
seen that this concept has a great potential for future use in industrial processes ensuring
high permeabilities and fluxes. In addition, fungal suspensions as used in these experiments
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are much more difficult to process than yeast cell suspensions as reported in literature.
This fact further strengthens the case for the RFD concept.
6.3.3 Product recovery
Product recovery values were compared using simple RFD and RFD with lumen emptying
respectively. For simple reverse-flow diafiltration, half of the recovered permeate was
recirculated and added to the feed flow. Figure 6.2a shows product recovery values for
simple reverse-flow diafiltration at two different VP/VL ratios of 3 and 18. The higher
the ratio of permeate-to-lumen volume, the higher product recovery is expected: The
more permeate volume is extracted per step, the less significant the lumen volume VL,
which represents the left-over volume of the feed solution. The amount of permeate then
outweighs the amount of left-over feed solution, so dilution of the permeate becomes less
significant.
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(a) Simple reverse-flow diafiltration at two
different VP /VL ratios; DCW = 13 g/L;
Time for feed and permeate step 13 s
(VP /VL=3) and 60 s (VP /VL=18); Flow
rates were between 12 and 17 mL/min for
feed, permeate and recirculation respec-
tively.
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(b) Reverse-flow diafiltration with lumen emp-
tying at VP /VL=6; DCW = 33 g/L; Time
for feed and permeate step 80 s and for
emptying and flushing step 20 s; Flow rates
for feed were 17 mL/min and for permeate
between 8 and 14 mL/min, emptying and
flushing step 7 mL/min.
Figure 6.2: Product recoveries of simple reverse-flow diafiltration vs. with lumen emptying;
Filtration of U. maydis fermentation broth
This relation is proven by the results in Figure 6.2a: Product recoveries for a VP/VL ratio
of 18 are three times as high as for a ratio of 3. Nevertheless, these values are not as high
as expected (compared to model experiments with yeast suspensions) which should be
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almost 100 % for a ratio of 18 [26]. Here, product recovery values show a maximum of 60
%. Possible reasons for this could be (1) dilution of the product solution with left-over feed
solution in the membrane lumen and pores (despite the high ratio of 18), (2) electrostatic
exclusion of itaconic acid and/or (3) blockage of the membrane. However, blockage of
the membrane cannot be the sole explanation: As the ratio of permeate to the reactor
concentration decreases, water would be retained in the same extent as itaconic acid and
the ratio would stay unchanged.
The same experiment as shown in Figure 6.2 was performed in a dead-end mode as a
reference measurement to see whether reason (1) applies, namely dilution of the permeate
with feed solution: Product solution was extracted at a very low flux of 3 L/(m2 h) to
ensure an operation below the critical flux. Nevertheless, product recovery values were
again 60 % at maximum, which is comparable to the simple reverse-flow diafiltration
values at VP/VL=18. These results show that the phenomenon of low product recoveries
is likely not only due to inefficient emptying of reverse-flow diafiltration. However, when
short filtration tests of about 45 min were performed in dead-end mode with regular
backflushing, product recoveries were about 100 % as expected, assuming that no product
is held back. Whether dilution is the reason for low product recoveries is not quite clear
by these results.
To minimize dilution of the product solution with feed solution which is the drawback of
simple RFD, RFD with lumen emptying was tested. Another reason to try this concept
was the flexibility to operate the process at various dilution rates without being bound
to a fixed VP/VL ratio. Product recovery is thus independent of the VP/VL ratio. Figure
6.2b shows the product recovery values of reverse-flow diafiltration with lumen emptying
with a VP/VL=6 as compared to simple reverse-flow diafiltration. Values for this concept
are again around 60 % product recovery. This represents an improvement as compared
to simple RFD, especially when considering the DCW concentration which is more than
doubled. However, recovery values are still lower than expected. As such, there must be
an additional effect, as stated above, influencing itaconic acid recovery.
Another possibility is that broth constituents interact with the membrane surface and
hinder the passage of itaconic acid or complicate the emptying process. Fungi are known
to produce surface-active compounds, e.g. glycolipids [17] which could (2) alter the
electrostatic charge of the membrane surface and/or (3) block the membrane and (4) add
another layer around the membrane that reduces mass transfer. In experiments with
model yeast cell suspensions, which do not produce surface-active compounds, product
recoveries of 100 % have been measured over long filtration times.
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Electrostatic effects could lead to exclusion of certain compounds. Zeta potential mea-
surements of the original and the fouled membrane show negative charges in both cases.
Nevertheless, the charge is less negative for the fouled membrane: At pH=6 the fouled
membrane shows a streaming potential (proportional to the zeta potential) of about -0.035
mV and the original membrane of -0.05 mV. At pH=6 itaconic acid is also negatively
charged. Therefore, repulsion could take place and could be one reason for product
recoveries below 100 %. This hypothesis is further evaluated in section 6.3.4.
6.3.4 Influence of single compounds
To further illuminate the puzzling results of low product recoveries despite high permeate-
to-lumen volumes, single-compound experiments were performed. First (1) supernatant
with itaconic acid, (2) itaconic acid in feed solution and (3) itaconic acid in water were
tested using reverse-flow diafiltration with lumen emptying. Permeability and product
recovery values were monitored. As can be seen in Figure 6.3a, product recoveries for (2)
and (3) are about 100 % which shows that the RFD process is working properly. However,
when filtering supernatant, product recoveries are lower with about 60 % and permeability
is also halved.
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Figure 6.3: Influence of single compounds on membrane performance
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The effect of the presence of cells was also analyzed. Permeability values were about one
third of those of pure water or pure feed solution. Obviously, the cells or other components
excreted by the cells have an effect on the filtration behavior as well which is even greater
than the effect of supernatant [27].
The influence of the pH value was tested in experiments with supernatant. The aim
was to see whether the charge of the proteins in the supernatant have an influence on
transmembrane pressure and product recovery and also to neutralize the itaconic acid
to see whether electrostatic exclusion influences the recovery process. Figure 6.3b shows
TMP values during filtration of supernatant solutions at three different pH values of 3.0,
5.0 and 10.0. It can be shown that TMP values increase with decreasing pH value. This
behavior is likely related to the isoelectric point of the proteins. At the pI the net charge
of the protein is equal to zero. The pI of most proteins lies between pH 4.5 and 6.5
[28]. Above the pI the proteins are negatively and below the pI positively charged. Since
the membrane is negatively charged, proteins are attracted by the membrane when the
pH value is lower than the pI and vice versa. Therefore, proteins are attracted by the
membrane at low pH values which leads to deposition on the membrane and consequently
higher TMP values. This effect is clearly visible in Figure 6.3b.
In addition, the enzyme trypsin was added in one test run, in order to break down the
biopolymers, like proteins etc. The intention was to separate the effect of these byproducts
on filtration performance from other effects. Figure 6.3b shows, that TMP values are much
lower after trypsin has been added. This indicates that the biopolymers have a remarkable
effect on filtration. The absolute TMP values might vary with e.g. age of broth and other
influences. Therefore, it is challenging to get reproducible results. However, the trend of
increasing TMP with decreasing pH values remains the same in all experiments. Product
recovery values were the same for all 4 experiments. Therefore, electrostatic influences on
the permeation of itaconic acid could be ruled out and repulsive forces should not play a
role in these experiments.
Some constituents in the supernatant obviously strongly interact with the membrane
and lead to lower permeation as well as lower product recoveries. These constituents
likely form a concentration polarization layer on the membrane surface presenting an
extra layer of reduced mass transfer. Due to this, the emptying process of RFD does
not work as efficiently anymore as in the filtration of model yeast suspension. Permeate
is, therefore, gradually diluted with feed solution. The parameters of RFD need to be
adapted: recirculation of the prior removed permeate back to the reactor, when dilution is
most pronounced, would eliminate the dilution problem.
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6.4 Conclusions
A completely sterile, biocompatible, integrated downstream process was set up for the
itaconic acid fermentation with Ustilago maydis. Reverse-flow diafiltration (RFD) main-
tained much higher filtration stability in terms of TMP values as compared to conventional
submerged processes. Compared to tangential-flow processes, the RFD process provided
constant reaction conditions, minimizing hydromechanical stress and the risk of oxygen
limitations. Stable product recoveries were achieved implementing an emptying step. In
first experiments, the itaconic acid space-time yield was increased up to tenfold applying
RFD. However, the constituents of the fermentation broth negatively affected the product
recovery and the permeability.
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7.1 Introduction
The demand for biopharmaceuticals has grown significantly in the past years. They
present the fastest growing sector in pharmaceutical industry. Biopharmaceuticals are
used in the production of medications and are produced by genetically-modified organisms.
Monoclonal antibodies with a market share of 40 % represent the most important product
class of biopharmaceuticals [1]. Antibodies (Ab) are used for diagnostic as well as for
therapeutic purposes, such as treatment of autoimmune diseases or cancer.
The biotechnological production process for antibodies can be divided into two process
sections: (1) Upstream processes, where antibodies are produced by living cells or organisms,
often in a fed-batch process but also in a so-called perfusion process. In a perfusion process,
medium is supplied and product solution withdrawn continuously. In case of mammmalian
cell fermentation, the cells are continuously harvested and fed back to the reactor to
maintain a constant volume [2]. For antibody fermentation cell cultures (most often
mammalian cells) are used. Cell harvest is done with a cell separation device such as
centrifugation, sedimentation, depth filtration or membrane filtration.
The second section of the production line comprises (2) downstream processes where
antibodies are first separated from the cells and then further purified in various steps such
as ultra- and diafiltration, virus filtration and chromatography. In case of perfusion, cell
separation can be coupled to the reactor as explained above.
Current production of antibodies in industry is mostly performed in batch or fed-batch
mode up to now, where large amounts of antibodies of one or more types are produced.
Batch processes are characterized by a problem-free performance and a long-standing
experience in industry. However they bring along various disadvantages such as (1) loss in
quality of the antibody product because of long retention times in the reactor, (2) low
cell densities, and (3) accumulation of waste products which hinders cell growth [3, 4].
Perfusion processes on the other hand eliminate all these disadvantages [5, 6].
Consequently perfusion processes have been identified as the most economic and productive
production process for monoclonal antibodies [5]. They require an effective in situ cell
retention device. By this form of process integration, costs for downstream processing
and the production costs of antibodies can be reduced. Downstream costs are responsible
for up to 80 % of total antibody production costs [1]. The cell retention device has to
meet various requirements such as high separation efficiency, no cell damage, low product
retention, high operation stability and good scalability [7]. Table 7.1 shows a comparison
of the different cell retention devices for perfusion reactors and the differences between
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these processes (e.g. scalability and shear-stress sensitivity).
Table 7.1: Overview of cell retention systems (modified from Voisard et al. [8])
Cell retention High perfusion Cell-free Long-term Internal Little
system capacity harvest operation operation shear stress
Settler -/+ -- ++ -/+ +
Acoustic settler -/+ -- ++ -/+ +
Hydrocyclone ++ -- ++ - --
Centrifuge ++ - + - -
Spin-filter + -- -/+ + -/+
Cross-flow filtration -/+ ++ + - -
Alternating tangential flow (ATF) + ++ + - -/+
Vortex-flow filtration - - + - -
Submerged membrane -/+ ++ + ++ +
++ very good + good -/+ decent - bad -- very bad
There are two categories for cell separation, namely separation based on density difference
and on size exclusion. Microfiltration (MF) membranes enable the latter one. Most of
these processes in Table 7.1 have the common problem that cell debris or cells may be lost
with the recovered antibody-rich medium. This complicates downstream processing. In
contrast, microfiltration membranes retain the cells completely due to their small pore size
[9]. Submerged membranes are especially advantageous since they enable mild product
recovery directly from the reactor where the cells have optimal growth conditions (cf.
Chapter 2).
Several examples from literature deal with external membranes for cell retention coupled
to perfusion processes. The ATF process (alternating-tangential-flow; Refine Technology,
New Jersey, U.S.A.) is currently widely applied for mammalian cell separation. It works
similarly to cross-flow operation and consists of two steps: In the first step suspension
from the reactor is drawn through the inside of a hollow-fiber membrane module into
a diaphragm pump exerting low shear stress [10]. In the next step the pump pushes
the suspension back into the reactor. Hereby an overpressure in the membrane leads to
inside-out filtration. Backflush (outside-in) is induced by a temporary overpressure on the
shell side. By the reversal of the flow direction fouling is prevented. In addition shear
stress is expected to be low. However, the module is externally arranged. Consequently,
the cells are outside their optimal environment for at least 2 min [11].
One of the few publications dealing with submerged membranes by Lehmann et al.
addresses the use of a membrane stirrer [12]. They fixed two membranes on a stirrer
and used one for aeration and one for cell-free medium exchange. Ab-rich medium was
recovered from the reactor and backflushing was performed at set intervals with fresh
medium. The authors managed to exchange the complete reactor volume of 150 L daily
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for a period of two months, but this process was not further optimized.
The evolving trend is shifting towards more patient- and disease-oriented treatment profiles
requiring a higher variety of antibodies in varying amounts. Therefore there is a need
to develop small, more flexible and also continuous production processes. These would
enable fast adaption to market needs and provide constant high product qualities at the
same time. Within the project MoBiDiK (“Modulare Bioproduktion - Disposable und
Kontinuierlich”) the aim is to develop a complete process chain for antibody production.
Within the project a continuously operating membrane bioreactor to culture mammalian
cells is developed. Biomass retention via membranes is expected to significantly improve
the product per biomass yield and space-time yield. Reverse-flow diafiltration is used to
prevent membrane fouling. First a membrane screening was conducted with both a model
yeast organism and mammalian cell cultures. Then continuous fermentation experiments
with the membrane bioreactor were performed and the process was optimized in terms
of optimal step sequence in order to prevent contamination of the permeate with feed
solution and also for minimal substrate loss. Fouling rates for different dilution rates
were compared. Irreversible fouling is defined in this chapter as the fouling which cannot
be removed by reverse-flow diafiltration. The process ran stable for 2 weeks with low
transmembrane pressures and higher space-time yields than in conventional fermentation
processes. Substrate loss and mixing with antibody-containing product solution could be
completely prevented by optimizing the various steps during RFD.
7.2 Experimental
7.2.1 Membrane modules
Two hollow-fiber membranes and one micromesh were used for membrane screening. The
two PES hollow-fiber membranes (Puron and MF02) are introduced in Chapter 3. The
stainless steel micromesh is introduced in Chapter 8. The Puron membrane and the
micromesh were chosen based on earlier experience in in situ product recovery (cf. Chapter
4 and 8). MF02 was chosen since it fulfilled all requirements, which are further discussed
in section 7.3.
For the membrane screening experiments, the hollow-fiber membranes were wound up
around a scaffold following a star-shaped design [13]. This module design was found to be
most advantageous in terms of hydrodynamic flow conditions for fouling reduction as deter-
mined from critical flux experiments. The connection of the hollow-fiber membranes with
7
Chapter 7
126
the pumps was done using PTFE tubing via heat shrink tubing for air-tight sealing.
7.2.2 Fermentation suspensions
Membrane screening experiments were conducted with two suspensions and one solution.
Yeast and mammalian cell suspensions as well as a cell-free solution obtained from
mammalian fermentation broth were tested. Mammalian cell systems are most often used
for antibody production. However, yeast cells are much easier and faster to cultivate and
are more suitable for process optimization.
Consequently yeast cells of Hansenula polymorpha were used for all continuous fermentation
experiments with reverse-flow diafiltration as model organism. Their cell size is about
4 µm. The strain had been genetically modified by PharmedArtis GmbH to produce
single-chain antibodies of a molecular weight of 30 kDa. Yeast suspensions for screening
experiments were prepared in batch mode. Cell densities varied between 10 and 30 g/L . To
ensure reproducibility, at least two membranes were tested with each charge. Based on the
membrane screening results, the best membrane was used in the continuous fermentation
experiments, where a concentration of about 20 g/L of biomass and cell densities up to
6.5·108 cells/mL were reached. The maximum antibody concentration was approximately
0.5 g/L.
Since the membrane reactor will eventually be applied to mammalian cell systems, these
were also tested. Both cell-containing and cell-free mammalian broths were supplied by
Bayer Health Care, Wuppertal. For the cell-free broth, the cells had been removed by
depth filtration. The broth contained a so-called CTX antibody with a molecular weight of
about 144 kDa and a concentration between 0.3 and 0.5 g/L. The cell-free broth was used
to determine the influence of proteins, e.g. antibodies, and other biomoleculues present in
the broth on membrane filtration. The cell-containing broth showed cell sizes between
15 and 20 µm and cell densities from 6·106 to 7·106 cells/mL. It was withdrawn from a
running fermentation process to ensure cell viability.
7.2.3 Methods
The development of the membrane process can be divided into two stages: In the first
stage a membrane screening was done using the flux-step method [14]. In the second
stage the optimal membrane was used for the continuous fermentation experiments with
H.polymorpha cells to provide a cell-free, antibody-containing solution.
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Flux-step method
For a stable long-term operation it is crucial to know the maximum operation flux where
no or only little fouling occurs. The flux-step method from van der Marel was used to find
the best membrane for antibody recovery and cell retention [14]. According to the method,
a high flux phase alternates with a low flux phase. The flux during high-flux phase is
stepwise increased and transmembrane pressure is monitored. At low flux or the so-called
relaxation phase, reversible fouling which occured during high-flux conditions is removed
due to the flow conditions (e.g. stirring) applied. Worst conditions were chosen on purpose,
so no aeration or backflushing was performed. Thereby it should be ensured that no fouling
occurs under the conditions of the experiments with reverse-flow diafiltration.
Every flux step yields a characteristic TMP increase with ∆p = pend − pinitial. With this
increase, equation 7.1 yields the total fouling rate Ftotal [1/(m s)]:
Ftotal =
dRtotal
dt
=
pend − pinitial
η · JH
1
∆t
(7.1)
with R as the total membrane resistance [1/m], η the viscosity of the permeate at a
temperature of 20 ◦C which is assumed to be equal to water (1 mPas), ∆t the step length
of one flux step and JH the flux in the high-flux phase. pend and pinitial are the pressures
at the beginning and at the end of one flux step respectively.
To determine the critical flux, a critical TMP increase needed to be defined and was chosen
as 45 Pa/min based on earlier experiments [13]. With the critical TMP the critical fouling
rate Fcrit can be calculated for each flux step with equation 7.1. A diagram with fouling
rate over flux gives an asymptote for the critical fouling rate which approaches 0 for high
fluxes. The critical flux is defined as the flux at which the total fouling rate is equal to the
critical fouling rate (Ftotal=Fcrit), i.e. at the intersection of the two curves of Ftotal and
Fcrit.
Flux step experiments were carried out with an OSMO Inspector 2 (Convergence, Enschede,
NL), a compact fluid-handling device. The permeate was recirculated to ensure a constant
viscosity in the reactor. Sampling was done as described in Chapter 3. Total reactor
volume was 3 L and the working volume 1.5 L to completely submerge the membrane.
The stirring speed was 300 rpm. The experimental set-up is described in more detail in
[15].
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Reverse-flow diafiltration
The best membrane from the flux-step experiments was used for optimization of reverse-flow
diafiltration in continuous fermentation with yeast cells Hansenula polymorpha. Different
dilution rates were tested. The dilution rate [h−1] is defined as:
D =
1
tR
(7.2)
with tR the retention time of the cells in the bioreactor. Figure 7.1 shows a picture of the
experimental set-up. The process principle is explained in detail in Chapter 3.
1 
2 
3 
4 
Figure 7.1: Experimental set-up for the continuous fermentation experiments with H. poly-
morpha and reverse-flow diafiltration. (1) Feed pump, (2) permeate pump, (3)
bioreactor and (4) permeate tank.
In this chapter, different settings for emptying and flushing step are determined after
process optimization experiments (cf. Section 7.3.2). Before, emptying volume was equal to
Vlumen+Vpore (cf. Chapter 3). Here, a safety factor of 50% was added (ae=1.5 in equation
7.4). The flushing volume was reduced to about 70% of the lumen volume (instead of
Vlumen+Vpore as before), so aD=0.7 (see equation 7.6). As a consequence the feed volume
VF needed to be adjusted as well to keep the overall volume balance. More detail about
these adjustments is given in section 7.3. The feed volume VF , the emptying volume Ve,
the permeate volume VP and the flushing volume Vf [mL] now amount to:
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VF = (VP + VBleed) + (Ve − Vf ) (7.3)
Ve = (Vlumen + Vpore) · ae (7.4)
VP = VF − VBleed (7.5)
Vf = aD · Vlumen (7.6)
VBleed is the non-filtered stream for removing cell debris etc. from the reactor as already
mentioned in Chapter 6. Time for feed and permeate step were chosen, based on the
following requirements:
• Not too long lag time without feeding, so the organisms are not negatively affected
by starvation
• Flux during feed step should be significantly higher than during permeate step to
ensure good cleaning
Table 7.2 shows the step settings of reverse-flow diafiltration for a dilution rate of 0.08 h−1
as an example. 300 s for permeate step was chosen since it is equal to the length of one
flux step.
Table 7.2: Flux settings and step times for a dilution rate of 0.08 h−1.
Step Time Flux
- [s] [LMH]
Feed step 150 37
Emptying step 40 51
Permeate step 300 7.5
Flushing step 20 30
7.3 Results and discussion
First the results of the membrane screening will be discussed. Then results of the continuous
fermentation experiments as well as process optimization experiments regarding cycle
settings are analyzed.
7.3.1 Membrane screening
The aim of the experiments was to find a suitable membrane for antibody recovery taking
the following requirements into account:
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• High permeate flux without significant fouling, since a higher operation flux implies
less membrane area per reactor volume,
• antibodies should not be rejected by the membrane and adsorption of proteins
(antibodies and others present in the broth) should be minimal and
• permeate should be cell-free for easier downstream processing and due to sterility
concerns.
Other requirements were biocompatibility and autoclavibility. Two different suspensions of
H. polymorpha and CTX cell-containing suspension as well as cell-free solution were tested.
The flux range and the step length needed to be adjusted for each type of membrane
because of the different permeabilities of the membranes. The micromesh had a much
higher flux range than the two hollow-fiber membranes. However settings for the hollow
fibers were still comparable.
Experiments with H. polymorpha showed that the MF02 membrane had a higher critical
flux than the Puron membrane. The cell concentration was varied between 10 and 30 g/L
and did not have a significant impact on critical flux. The micromesh showed a critical
flux of 114 LMH, however the TMP level rose steadily despite relaxation.
Figure 7.2 shows the flux-step results as an example for the hollow-fiber membrane MF02
with CTX cell suspension. A critical flux of 29 LMH was measured, which is comparable
to the results obtained with H. polymorpha filtration with Jcrit = 27 LMH. Again the
micromesh showed a higher critical flux at 114 LMH.
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Figure 7.2: Results of the flux-step experiments with MF02 hollow-fiber membrane and CTX-
cell suspension.
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When the CTX cell-free solution was tested, the Puron membrane still showed significant
fouling expressed in high TMPs. Critical flux was low between 11 and 17 LMH, which is in
the same range as for the cell-containing suspension. For the MF02 critical flux was much
higher (between 42 and 50 LMH). TMP increase became significant for high fluxes.
This behavior may be a response to the different pore sizes of the two membranes. The
pores of Puron with 0.05 µm will most likely reject some of the macromolecules, leading
to a formation of a gel layer on the membrane surface [16–18]. This leads to an increased
resistance and therefore to a higher transmembrane pressure. In contrast, the MF02 having
a bigger pore size (nominal pore size 0.2 µm), rejects macromolecules to a smaller extend.
However at higher fluxes when more macromolecules are transported to the membrane
surface, the gel layer is eventually formed due to the high local concentration.
In summary, the micromesh showed always the highest critical flux and Puron the low-
est. Fouling for the MF02 and the micromesh resulted mainly from the cells and not
macromolecules in solution. Influence of macromolecules becomes first apparent at high
fluxes (Jcrit ≈ 50 LMH). For the Puron membrane, critical fluxes for all three suspen-
sions/solutions tested were the same. It is assumed that this is due to higher macromolecule
retention.
The assumption was proven by antibody transmission, the second criteria for membrane
selection. In this case, mainly CTX-antibody transmission was evaluated since this
antibody with 144 kDa has a higher molecular weight than the single-chain antibody
secreted by H. polymorpha with 30 kDa. Average antibody transmission for the Puron
membrane during one experiment was much lower with 46.4 % than for the MF02 with
94.2 % and the micromesh with 97 %. It can be concluded that cells alone accumulated
on the membrane obviously do not reject antibodies.
The influence of adsorption due to the membrane material is considered to be small since
both membranes MF02 and Puron are of the same material of PES hydrophilized with
PVP [19]. A hydrophilic material was selected since proteins, e.g. antibodies, tend to
preferably adsorb on hydrophobic material [20].
Cell retention was provided by both hollow-fiber membranes for both kinds of cells. The
micromesh held a lower cell retention at higher fluxes for both suspensions. No leakage
could be detected by a test with pressurized air at 0.5 bar. Table 7.3 summarizes the
results of the flux step experiments for all three membranes.
In conclusion, the MF02 was found to be the most suitable membrane for continuous
antibody recovery based on the three criteria named above. The micromesh did not
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Table 7.3: Results from the flux-step experiments with all three membranes (experiments with
cell-containing suspensions).
Pore size Critical flux Ab-transmission Cell retention
- [µm] [LMH] [%] [%]
Puron 0.05 17-19 46 99
MF02 0.2 20-29 94 99
Micromesh 1 114 97 <87
provide efficient cell retention and scale-up is difficult. The Puron membrane held back
cells but also antibodies, which is undesired.
7.3.2 Cycle optimization
Further criterion to evaluate the performance of reverse-flow diafiltration was the Ab-
transmission. To evaluate the quality of the permeate the substrate concentration (glycerol)
was measured. Permeate and substrate can mix in the membrane lumen, due to backflush
of the membrane with feed solution and the corresponding emptying and flushing steps.
This is undesired since it leads to contamination of the permeate with feed solution,
which is especially problematic for sensitive mammalian cell cultivation. In addition, a
dilution of the recovered product complicates further downstream processing. Substrate
loss eventually leads to a cost increase. This problem of dilution was mentioned earlier in
Chapter 4 and 5.
Dilution can occur due to two reasons: (1) Underestimation of the emptying volume, due
to uncertainty about the membrane porosity; (2) Too high flushing volume. Flushing step
should replace the permeate with feed solution. Feed solution enters the permeate line
when the flushing volume is chosen too high.
First experiments were done with variations of the emptying and flushing step, whereby
the emptying volume was increased to 30 % and the flushing volume reduced to 30 %.
The difference between glycerol concentration in permeate and reactor decreased, but only
to a small extent. Therefore different measures were taken as explained in the next two
subsections.
q Optimization of emptying step
It was shown that the substrate dilution could not be minimized by variation of the
emptying volume. As a consequence it was assumed that the end of the membrane is not
being emptied efficiently. Thus left-over substrate remains in the membrane pores. To
verify this assumption the glycerol concentration was determined via a sampling port right
after the membrane for one permeate and flushing step. The results showed a peak of
7
Reverse-flow diafiltration for antibody recovery
133
glycerol coming at the beginning of the permeate step. Afterwards it decreased to the
concentration in the reactor. This confirms that a complete replacement of the membrane
volume during emptying does not take place. Figure 7.3 shows the progress of the glycerol
concentration during one permeate and flushing step.
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Figure 7.3: Online glycerol measurement right after the membrane during reverse-flow diafil-
tration with H. polymorpha; Glycerol concentration in the feed solution = 20 g/L,
aD=0.7, ae=1.8.
To improve emptying, the permeate pump was activated in backwards mode. The feed
pump needed to pump at a higher flow rate than the permeate pump, in order to still provide
a driving force over the membrane for emptying. Without this driving force membrane
pores would not be emptied. Flow profile during emptying is shown schematically in
Figure 7.4a.
(a) Scheme of flow profile dur-
ing emptying step; red: feed
solution, blue: product so-
lution.
(b) Calculation of emptying time for a hollow-fiber
membrane with different diameter and length;
ratio of feed-to-permeate volume = 5:1. (Calcula-
tions performed by Kristina Meier, AVT.BioVT)
Figure 7.4: Flow profile and calculation of emptying time during emptying step.
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The optimal ratio of feed-to-permeate flow rate delivered from the feed and permeate
pumps was calculated with Matlab based on the following assumptions:
• Linear velocity profile in the membrane [21],
• pores of the membrane partly contribute to the flow profile (1.5 << di << 2.3) and
• time of emptying step is 40 s.
For an emptying time of 40 s an optimal ratio of feed-to-permeate flow rate F/P of 5:1
was calculated. Figure 7.4b shows the time to empty different membrane diameters and
membrane lengths for this given ratio. An inner diameter of 1.75 mm (di=1.5 mm, based
on manufacturer data) was chosen to take into account part of the porous volume. It was
already shown in Chapter 5 that part of the membrane pores contribute to the flow profile.
The membrane length was of 1 m.
For this calculation an emptying time of 40 s was fixed. The smaller the difference between
feed and permeate pump rate the shorter the emptying time, so a pump ratio F/P of 1:1
would be ideal. To find the optimal emptying time and the corresponding F/P ratio the
lost permeate was calculated. Lost permeate is the difference between emptying volume
and flushing volume. It is the amount of permeate which is emptied but not flushed back
and thus “lost” into the reactor in the following feed step. Calculations show that the
smaller the difference in flow rates, the less permeate is lost into the reactor. However,
pores would not be emptied in this scenario, which is why the current working point with
a F/P ratio of 5:1 was kept.
q Optimization of flushing step
For first experiments the flushing volume was calculated based on the membrane lumen
volume Vlumen and the complete porous volume Vpore. Hereby it was not taken into account
that the pores only partly contribute to the flow profile. A dye test with methylene blue
was performed to determine the actual volume contributing to the flow profile. The inner
volume of the membrane was filled with water and submerged into a reactor also filled
with water. Both feed and permeate pump were active. Dye solution was used to replace
the water in the membrane lumen. The aim was to find out when the first dye solution
reaches the permeate line. Results showed that it takes 70 % of the lumen volume (without
the pores) until dye reaches the permeate line. A scheme of the flow profile is shown in
Figure 7.5a, in which red represents the feed solution (dye solution) and blue the product
solution (water).
To verify these results, a calculation based on ideal pipe flow was performed (see Figure
7.5b). The maximum flow velocity vmax in the membrane lumen and the corresponding
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volume V |max could be determined with:
vmax = 2 v¯ [
m
s
] (7.7)
v¯ =
V˙
A
[
m
s
] (7.8)
t|max =
L
vmax
[s] (7.9)
V |max =
L
vmax
V˙ [L] (7.10)
with V˙ the applied flow rate, t|max the time needed until first medium (water) reaches the
permeate line, A the cross-sectional area of the membrane lumen and L the membrane
length. The ratio of V |max to the membrane lumen VM gives
V |max
VM
= 0.5 (7.11)
It should be mentioned that only the membrane lumen was considered in this calculation
and not the membrane pores. Since it is likely that part of the membrane pores contribute
to the flow profile, the experimentally determined factor of V |max=0.7·VM was chosen in
further experiments.
(a) Scheme of flow profile dur-
ing flushing step; red:
feed solution (dye solution),
blue: product solution (wa-
ter)
𝑣𝑚𝑚𝑚 ?̅? 
(b) Flow profile based on ideal pipe
flow; vmax = maximum velocity
in the membrane lumen and v¯ =
average velocity.
Figure 7.5: Flow profile during flushing step. (Experiments performed by Kristina Meier,
AVT.BioVT.)
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7.3.3 Continuous fermentation with reverse-flow diafiltration
Based on the results from flux-step measurements, the MF02 membrane was used in
continuous fermentation experiments with reverse-flow diafiltration. A glycerol-containing
medium was used. Different dilution rates were tested in fermentation experiments for
approximately two weeks. The following parameters were analyzed:
• Filtration stability (transmembrane pressure profiles),
• substrate (glycerol) concentration in the permeate,
• antibody transmission and
• cell retention.
Filtration stability
Figure 7.6 shows TMP data of one cycle for two different dilution rates (0.08 h−1 and 0.15
h−1). One cycle contains all 4 steps of RFD. Different dilution rates were tested in one
experimental run, here categorized by stage numbers (excerpts from stage 5 and 7 are
shown in Figure 7.6). Table 7.4 gives an overview of the different stages. During the feed
step TMP values are negative. A higher pressure in the feed line as in the bioreactor is
applied in order to pump feed solution into the reactor. In the permeate and emptying
step TMP values are positive and a convective transport of particles to the membrane is
induced (see Figure 7.6). Thereby a cake-layer is built whose thickness is dependent on
the flux applied. For higher dilution rates, higher fluxes are applied and thus the TMP
values increase.
Flux values need to be carefully chosen when designing the step sequence of reverse-flow
diafiltration (cf. critical flux measurements in the previous section). Step times of feed
and permeate step are chosen as explained in section 7.2.3. The emptying volume is fixed
for one membrane length. It is desired, to have the emptying time as short as possible,
since this maximizes net permeate output (more time for permeate recovery referred to
total cycle time). The emptying step time can be shortened, by choosing a high emptying
flux. However this could lead to more membrane fouling. A longer time for emptying
implies less time for permeate recovery per cycle which results in less net permeate output.
To compensate this, the permeate flux could be increased. In any case the critical flux
should not be exceeded or if so only temporarily. A high flux was assumed to be more
tolerable in the emptying step, because the emptying volume is small compared to the
permeate volume.
7
Reverse-flow diafiltration for antibody recovery
137
-0.1
0
0.1
0.2
0.3
0.4
1:23 1:26 1:29 1:32 1:35
TM
P
   
[b
ar
]
Experimental time   [h:mm]
Feed
Empty
Permeate
Flushing
(a) Stage 5; D=0.08 h−1
-0.1
0
0.1
0.2
0.3
0.4
0:00 2:24 4:48 7:12 9:36
TM
P
   
[b
ar
]
Experimental time   [m:ss]
Feed
Empty Permeate
Flushing
(b) Stage 7; D=0.15 h−1
Figure 7.6: TMP profiles of one cycle of reverse-flow diafiltration for two different dilution
rates. (Experimental data was generated in cooperation with Kristina Meier,
AVT.BioVT)
Table 7.4 shows the influence of dilution rate on TMP increase in the permeate step.
Therefore permeate steps from the beginning of the experiment were analyzed to exclude
the influence of irreversible fouling and TMP increase rates were obtained. When choosing
a flux below the critical flux (D=0.08 h−1) TMP increase is in the range of the critical
TMP increase of 45 Pa/min (in Table 7.4: 0.6 mbar/min or 60 Pa/min). For higher
dilution rates of 0.25 h−1 the TMP reaches about a factor 10 higher than the critical
increase rate. It is worth mentioning that the membrane was already operating for a
couple of days at higher dilution rates, since dilution rates were tested in a sequence (cf.
Table 7.5). Therefore irreversible fouling could also play a role here.
Table 7.4: Average TMP increase during continuous fermentation with reverse-flow diafiltration
for different dilution rates.
Dilution rate Bleed Permeate flux Average TMP increase
[h−1] [%] [LMH] [mbar/min]
0.08 50 11.5 0.6
0.15 50 23 4
0.25 50 40 6.6
Reverse-flow diafiltration proved to be effective for removal of reversible fouling. However,
over a longer time frame irreversible fouling could not be completey prevented. Figure 7.7a
shows the TMP profile after an operation time of 70 h. Here the irreversible fouling rate
amounted to 1.28 mbar/min for the duration of 18 hours. Stage run time is shown here,
which gives the duration of one stage. Total experimental time is given in Table 7.5.
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Figure 7.7: TMP profiles at two different points in time of one experimental run for a dilution
rate D=0.08 1/h.
Table 7.5 gives an overview of all stages during one experiment and the respective absolute
TMP values as well as average TMP increase rates. The duration gives the time one stage
was running. The start time of each stage represents the cumulative or total experimental
time. As expected, TMP absolute values were higher for higher dilution rates (compare
Table 7.5 stage 6 and 7). However, the TMP increase rate decreased when increasing
the dilution rate from 0.08 to 0.15 h−1 in stage 7. A reason could be that the cake layer
at D=0.15 h−1 has another, lower critical flux, than the virgin membrane. Hence TMP
increase is also less. At D=0.25 h−1 the critical flux is again exceeded and TMP increase
is higher.
After 160 h operation in stage 8 the TMP stabilized at a slightly high TMP value with
only 0.04 mbar/h increase for 73 h (see Figure 7.7b). Adsorption was not as noticeable
anymore. The higher absolute TMP value can be attributed to the higher dilution rate
in the previous stage of 0.15 h−1. The dilution rate obviously determines the extent of
irreversible fouling which is then still visible as shown in Figure 7.7b. When the dilution
rate was increased to 0.25 h−1 in stage 9, TMP increase rate also increased to 2.2 mbar/h.
In stage 10 at D=0.08 h−1 again a steady state was reached.
To evaluate filtration stability, flux was also investigated. Real fluxes could deviate from
set-point fluxes due to fouling (reversible or irreversible). Fluxes during the feed step never
deviated from the set-point value. In the permeate step it was found that a flux around
15 LMH could be easily kept. A flux greater than 23 LMH however showed variations of
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Table 7.5: Increase of TMP level in permeate steps for different dilution rates.
Stage Start Duration Dilution Bleed Permeate TMP Average
time rate rate flux Begin End Difference TMP increase
- [h] [h] [h−1] [%] [LMH] [bar] [bar] [mbar] [mbar/h]
1 0 65.5 0.08 50 11.5 0.007 0.043 36 0.55
2 65.5 2.5 0.08 50 11.2 0.047 0.054 7 2.80
3 68 2 0.08 50 11.5 0.057 0.061 4 2.00
4 70 18 0.08 50 11.2 0.063 0.086 23 1.28
5 88 3.25 0.08 50 10.9 0.08 0.083 3 0.92
6 91.25 2.25 0.08 50 10.9 0.084 0.089 5 2.22
7 93.5 67.5 0.15 50 23.0 0.212 0.252 40 0.59
8 161 73 0.08 50 10.9 0.115 0.118 3 0.04
9 234 25 0.25 50 40.2 0.331 0.386 55 2.20
10 259 24 0.08 50 10.9 0.131 0.131 0 0
15-25 %.
These results indicate that at low fluxes only few cells accumulate on the membrane
surface indicated by the low TMP increase rates (Table 7.4, 0.6 mbar/min for 11.5 LMH).
Thus the membrane resistance does not significantly increase. However at higher fluxes,
an increased amount of particles is transferred to the membrane surface. This leads to
particle accumulation since convective back transport by the bulk flow is not fast enough.
As a consequence membrane resistance increases, which cannot be compensated by the
permeate pump and a lower flux is observed. The higher the chosen flux, the higher the
deviation from the set-point flux.
In summary, for long-term stability it is recommended to operate in a flux range below 20
LMH. This confirms the results of the flux-step experiments where a critical flux of 20
LMH was advised.
Substrate concentration and antibody transmission
Antibody transmission as well as glycerol concentration were monitored during continuous
fermentation experiments. Figure 7.8 shows the antibody transmission for the stages 1 to
6 (Table 7.4). Here the emptying and flushing volume were stepwise increased respectively
decreased, which led to a decrease in glycerol concentration and an almost linear increase
in antibody transmission (see Figure 7.8). One parameter was changed at a time. The
flushing volume seemed to have a greater influence on transmission. This is shown by the
higher values of experiment 15/15 (increase in emptying volume in percent/decrease in
flushing volume in percent) and 0/15 as compared to 15/0 due to less dilution. When
the emptying volume is increased by 30 % (compare 0/15 and 30/15) there is hardly any
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difference in transmission.
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Figure 7.8: Antibody transmission at varying emptying and flushing volumes; Emptying volume
is increased and flushing volume decreased; 0/0 represents the base case.
In a further continuous experiment with the optimized emptying and flushing step (cf.
Section 7.3.2) the glycerol concentration in the permeate and the reactor was constantly
zero as desired. However antibody concentration in the permeate was still lower than in
the reactor (cf. Figure 7.9a). Figure 7.9b shows the antibody transmission decrease with
increasing experimental time.
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Figure 7.9: Concentrations of compounds and Ab-transmission at different fluxes/dilution rates
after cycle optimization.
It must be mentioned that the experiment was already running for about 190 h before
the first sample was taken. It is likely that adsorption of antibodies or other proteins had
occurred during that time. This is a reasonable assumption when considering that the
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first dilution rate tested was high at 0.2 h−1. This dilution rate corresponds to a permeate
flux of 37 L/(m2h), which is far above the critical flux.
It has often been reported in literature that the applied flux strongly influences protein
transmission. Baruah and Belfort reported decreasing sieving coefficient with increasing
flux when approaching the pressure-independent region [22]. This region is comparable to
the region above the critical flux. It implies that a greater pressure difference does not
lead to an increase in flux. A sieving coefficient of 1 is equal to 100 % transmission.
The authors recommended to use a starting flux not higher as 10 L/(m2h) for their system
(transgenic goat milk filtration for immunoglobulin recovery using a polyethersulfone
membrane with 0.1 µm mean pore size) around the pI (isoelectric point) of the protein.
They reported decreasing sieving coefficients of approx. 0.2 when approaching the pressure-
independent region. Transmission also decreased when a pH different from the isoelectric
point was chosen. Ghosh and Cui reported a decrease in protein transmission with increase
in TMP [23]. Mehta and Zydney stated that relatively small changes in membrane charge
(due to e.g. adsorption of proteins on the membrane) can lead to a significant reduction in
sieving coefficient [24].
It is therefore recommended to operate at lower fluxes to prevent protein adsorption. This
is in agreement with the results obtained in the previous section.
Figure 7.10 shows space-time yield obtained with and without a membrane. Space-time
yield describes the amount of product produced per reactor volume and time. It could be
significantly improved using the membrane. A cell retention rate of 50 % was chosen (50 %
of the fermenter volume was removed unfiltered via a bleed stream). By retaining the cells
in the reactor, more product can be obtained. When no membrane is used the organisms
are washed out at a certain dilution rate, which is equal to the maximum growth rate of
the organisms. At higher dilution rate the organisms cannot reproduce fast enough and
therefore cells are washed out. The advantage of using a membrane is that this wash-out
point can be shifted to higher dilution rate.
In stable long-term experiments the concentration of dry cell weight could be doubled. The
product yield was increased by nearly 300 % in comparison to a conventional continuous
culture without cell retention. Ultimately a 7-fold higher space-time yield could be achieved
with reverse-flow diafiltration due to higher dilution rates and an increased product yield.
Volume balances for the reactor using a membrane (see equation 7.12) and without a
membrane (see equation 7.13) are:
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Figure 7.10: Space-time yield using RFD with a membrane as compared to the reference
process without a membrane.
VF = VP + VBleed (7.12)
VF = VBleed (7.13)
In summary reverse flow diafiltration enables high fluxes by preventing reversible fouling.
Irreversible fouling by protein adsorption can be prevented by operating below the critical
flux. Compared to state-of-the-art cell separation systems, such as the ATF system, these
results are promising. The ATF system operates at fluxes around 3 LMH demanding much
higher membrane areas [25].
7.4 Conclusions
In summary, a PES hollow-fiber membrane was identified in critical flux tests to be best
for antibody recovery, complete cell retention and high fluxes. Results from these tests
showed that an operation below or near the critical flux is recommended. This avoids
high TMP increase rates in a long term and most importantly protein adsorption. An
operation range between 10 and 20 LMH is optimal.
Using reverse-flow diafiltration reversible fouling was prevented when operating below
the critical flux. Fouling took place at higher fluxes above 23 LMH, corresponding to a
dilution rate of 0.15 h−1 (when using a 1 m membrane), due to adsorption of biomolecules.
To realize higher dilution rates scale-up with parallel membranes is a solution. Substrate
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loss could be completely prevented after cycle optimization. Cell retention was complete
during the entire experimental time. Space-time yield with a membrane was significantly
higher than without a membrane.
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CHAPTER 8
Overcoming the drawbacks of microsieves
with micromeshes
A modified version of this chapter has been published: F. Carstensen, T. Kasperidus, M.
Wessling, Overcoming the drawbacks of microsieves with micromeshes for in situ product re-
covery, Journal of Membrane Science 436 (2013) 1627, DOI: 10.1016/j.memsci.2013.01.017
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8.1 Introduction
Microsieves -inorganic and polymeric ones- have been extensively studied in the past and
are anticipated to have significant advantages in the food industry for particle separation [1–
5]. The microsieves are characterized by a very uniform, well-defined pore size distribution
which enables complete particle retention. Especially in biotechnology processes, where
ensuring sterility by complete cell retention is crucial, this becomes an important advantage.
In addition, the material of the microsieves, in this case silicon nitride (SixNiy), allows for
easy and repetitive autoclaving.
Another advantage of microsieves is that they enable operation at very high fluxes with
low transmembrane pressures. Therefore the footprint of the membrane set-up can be
significantly reduced since much smaller membrane areas are required. This is especially
important, since space in bioreactors is often limited. One disadvantage of the sieves is
the mechanical sensitivity of the material. Therefore it needs to be handled cautiously.
Research work has been conducted in the past using silicone nitride (SixNiy) microsieves for
e.g. wastewater treatment [4]. The authors used them in combination with high-frequency
backflushing and tested them with different model suspensions. They prevented cake-layer
formation with this technique in combination with the sieves successfully. Polymeric
microsieves have been invented and studied recently by Girones et al. [6]. The authors
produced these sieves via phase separation micromolding [2]. They also tested them with
different model solutions showing the advantage of the very defined pore size distribution.
The polymeric microsieves were superior over the SixNiy-sieves due to their bending and
vibrating during backflush. This in fact disrupts the cake layer continuously. Nonetheless,
the production process of both the polymeric and the inorganic sieves is cumbersome.
Micromeshes have been applied in filtration applications as well. Often they were used as
so called rotating spin filters for product recovery out of continuous fermentation processes.
Spin filters are cylindrical membranes which are mounted around the impeller shaft in the
center of the bioreactor. These filters prevent cake-layer formation effectively by creating
high tangential shear forces through the high rotation of the filter. Various researchers
have investigated this design using micromeshes or as also called stainless steel meshes
[7–10]. Micromeshes have also been used for membrane emulsification for the generation
of uniform-sized droplets [11, 12]. Another application is the use in dynamic membrane
reactors. Here the meshes are used as a support for the formation of a dynamic membrane
or also called secondary membrane, which assists the filtration [13–15]. These meshes had
pore sizes even greater than 100 µm. Stainless steel meshes are often used in wastwater
and water filtration [16–19]. A fairly new application of micromeshes is the separation of
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oil-water mixtures [20]. Both microsieves and micromeshes have the advantage of enabling
high-flux operation, so only small membrane areas are required.
In this chapter, the aim is to study and benchmark microsieves as well as micromeshes
for an internal product recovery process. Thereby the advantages of both systems, (1)
high-flux membranes and (2) in situ product recovery with optimal fouling control can be
combined. Therefore two different high-flux membranes, microsieves and micromeshes,
are assessed as well as two different ISPR processes, submerged filtration and reverse-flow
diafiltration (RFD). All experiments were performed with model yeast suspensions in
a bioreactor. Submerged experiments with backflushing (reference process) as well as
experiments with reverse-flow diafiltration were conducted and results compared. Different
process parameters were investigated such as TMP increase and cell retention.
8.2 Materials and methods
8.2.1 Membranes
The microsieves used here were made of silicon nitride SixNiy provided by Fluxxion B.V.
(now Sievecorp Europe B.V.). The price would account to about 33,000 e/m2 (based on
the price for a 6” wafer). The pores of the sieves were slit shaped and the total filtration
area was of 525 mm2. Two different pore sizes of 0.8 µm and 0.5 µm were used. Figure
8.1a shows exemplarily the 0.5 µm microsieve. Prior to use for filtration, the pores of the
microsieves were activated. For the activation procedure 400 mL of de-ionized water was
heated up to 50◦C and 4 mL of Divos was added. Afterwards the solution was heated up
to 75◦C and 4 mL of Booster was added. The activation solution was then kept at 75◦C
for 30 minutes. The activation was done in situ. As such the microsieve was placed in the
module and the solution was pumped through the pores of the microsieve. This activation
procedure was repeated before each experiment. Activation effectiveness was controlled
visually with a microscope as well as in clean water experiments. After each experiment
the microsieves were cleaned in situ with a solution of 1 vol.-% of Divos at 55◦C.
A Dutch Twilled Weave (DTW) micromesh manufactured by Haver & Boecker (Oelde,
Germany) was used. The material was of stainless steel with 16.5 - 18.5 % chrome and
with a negatively-charged surface. The price accounts to about 1000 e/m2 which is of
factor 33 less than the price for the microsieve. According to the manufacturer data the
porosity is about 25 % and the thickness of the micromesh is about 0.06 mm. The absolute
grade of filtration is of 5-6 µm and the nominal grade of filtration of about 1 µm. For
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(a) Picture of the silicon-nitride microsieve
with 0.5 µm pores.
(b) SEM picture of a DTW mi-
cromesh.
Figure 8.1: Pictures of the silicon-nitride microsieve and the woven stainless stell micromesh.
filtration purposes the nominal grade of filtration is the relevant parameter and describes
the ability of a filter to retain particles of a certain size to 95 %. In this case the particle
size retained should be smaller than 1 µm. Commonly glass beads are used to obtain this
value. The membrane area was of 707 mm2. The structure of a DTW mesh is illustrated
in Figure 8.1b. For each experiment a new micromesh was used. The surface was already
hydrophilic, therefore no activation procedure was necessary.
Before each experiment the clean water permeability of each membrane was tested as well
as the integrity, with the membrane placed in the module. Pressurized air was applied up
to 0.5 bar pressure difference for the microsieves and up to 0.4 bar for the micromeshes
so as to not exceed the Laplace pressure of the membranes. Integrity was controlled
visually.
Module design and integration
A module was designed to be integrated into the reactor, which had to meet certain process
requirements. These requirements included (1) two strictly-separated compartments, one
side facing the fermentation broth to be filtered, the other side for permeate removal and
supply of feed solution (in case of reverse-flow diafiltration). The only possible mass flow
between these two areas is through the membrane pores. The active membrane area faces
the fermentation broth in the reactor. The opposite surface of the membrane is in the
inside of the module, called permeate side.
A second requirement was (2) easy mountability. This is to ensure a flexible exchange of
the membrane in between the experiments and for cleaning procedures. Therefore the
module consists of two different parts: A top cover and a bottom section. The top cover
holds the membrane in position by form closure. The membrane is positioned in the
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opening with the bigger diameter. The interaction of the orifice at the one side and the
bottom section on the other side defines the membranes’ position. With the help of a
gasket at the outer diameter of the membrane, the press connection between membrane
and top cover is sealed.
As process intensification in terms of cost effectiveness is desirable, (3) a compact module
design was aimed at . To minimize dead volume in the module, two parallel channels
instead of one were implemented for permeate recovery inside the module to minimize
the thickness of the module and thereby the dead volume. The internal module volume
accounted to 4.65 ml. Another benefit of little dead volume is that the duration of the
emptying interval in case of reverse-flow diafiltration can be minimized (see Chapter
3).
The module was made of polyether ketone (PEEK), a colourless organic polymeric ther-
moplast and a common material in engineering applications. It is characterized by a
high chemical and mechanical resistance. In addition, its density is low with about 1.3 -
1.5 g/cm3, which results in a light-weight module. In comparison to this, the density of
stainless steel lies in the range of 7 - 8 g/cm3.
For implementation of the membrane into the module a stainless steel holder was used, in
which the membrane was glued (Pattex® instant adhesive Ultra Gel, Henkel).
Membrane modification
A membrane modification with polyelectrolytes was applied to reduce the pore size of the
micromeshes and increase retention [21–23]. Two different polyelectrolytes were used: one
positivly charged, polydiallyldimethylammonium chloride (PDADMAC; 100-200 kDa, 20
wt.% in H2O, Sigma Aldrich), and one negatively-charged, sodium polystyrene sulfonate
(PSS; 70 kDa, 30 wt.% in H2O, Sigma Aldrich). Both substances were used with 1 vol.% in
deionized water. The coating was done with a peristaltic pump connected to the membrane
module. First the mesh was flushed with deionized water. Then the PDADMAC solution
was filtered through the mesh. Subsequently deionized water was pumped through the
mesh again before PSS was pumped through the membrane. The positive PDADMAC
layer was always the first one to be applied since the original micromesh was negatively
charged.
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8.2.2 Experimental
Fermentation process
All experiments were performed with the same fermentation suspension of 100 g yeast
(commercially available baker’s yeast), 20 g ethanol (representing the product to be
recovered) and 2 L isotonic saline solution (deionized water with 9 g/L NaCl). The
suspension was prepared before the experiments and kept at 28◦ C. Most of the yeast cells
were about 5 - 6 µm size with some smaller cells present. The mean particle size was 4.9
µm.
The reactor was made of acrylic glass and had a working volume of 2 L. Diameter and
height were of 140 mm and 180 mmm, respectively. For the experiments the reactor with
the fermentation suspension was placed on a magnetic stirrer with a length of 60 mm and
a diameter 9 mm. The stirring rate was set to 500 rpm for all experiments in order to
provide turbulent conditions and ideal mixing in the reactor.
Submerged filtration
For the submerged filtration experiments the reactor was filled with 2 L of fermentation
suspension. The set-up was similar to the diafiltration set-up, only considering the permeate
line (cf. 3.3 in Chapter 3). Vacuum was applied in the permeate line by the peristaltic
pump. Thereby permeate was recovered from the outside of the module through the
membrane to the inside of the module into the permeate line and finally into the permeate
tank. During backflushing the flow direction of the peristaltic pump was reversed which
resulted in an overpressure on the permeate side. A backflush flow was induced whereby
permeate was pumped back inside-out through the membrane into the reactor. By the
reversal of the flow direction the cake-layer was removed.
Data monitoring and pump control were done with LabVIEW. Pressure, temperature and
values of the balance in the permeate line were constantly monitored. Flow rates and
fluxes were calculated with data from the balance. To control the flux at the set-point
value, a PID controller was implemented in LabVIEW. During the experiments with the
microsieves, flux control proved to be problematic due to their very low resistance.
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8.2.3 Analytics
Definition of filtration parameters
This section introduces terms and definitions which will be relevant for the following
discussion of the experiments. The transmembrane pressure (TMP) [mbar] is calculated
based on the ambient pressure minus the pressure in the permeate line:
TMP = pambient − ppermeate (8.1)
where pambient is the ambient pressure [mbar] and ppermeate is the pressure in the permeate
line [mbar]. The TMP difference defines the change in TMP during one filtration step
[mbar]:
TMP difference = TMPend of filtration − TMPbeginning of filtration (8.2)
The average TMP difference [mbar] is used to describe the TMP characteristic of one
experiment. One submerged experiment usually consists of i=5 filtration cycles. The
TMP increase rate [mbar/min] describes the average change in TMP over time during
one experiment with tF as the filtration time, which is the actual filtration time in case of
submerged filtration and the time of permeate and flushing step in case of reverse-flow
diafiltration.
average TMP difference =
∑n
i=1 (TMP difference)i
number of cycles i
(8.3)
TMP increase rate =
average TMP difference
tcycle
(8.4)
Another parameter to characterize a membrane filtration process is the permeability
which is defined by the transmembrane flux divided by the transmembrane pressure. The
transmembrane flux is given in L/(m2 h) or LMH.
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flux =
VP
Amem tF
(8.5)
permeability =
flux
TMP
(8.6)
where VP is the total permeate volume recovered during filtration and Amem the membrane
surface area.
The permeability quantifies the flux normalized by the applied transmembrane pressure
[L/(m2 h bar)]. During a filtration process the permeability declines due to particle
accumulation at the membrane surface and/or blocked pores.
For submerged experiments, the total backflush volume VBF needed to be calculated [mL].
It amounted to 10 % of the total filtration volume VP in all the submerged experiments.
Backflush flow V˙BF was chosen 2 to 3 times higher than the permeate flow V˙P to ensure
efficient cleaning [mL/min].
VBF = 0.1× VP (8.7)
V˙BF = 2...3× V˙P (8.8)
Based on these two requirements the time for backflush [min] was calculated according
to:
tBF =
VBF
V˙BF
(8.9)
In order to compare submerged experiments with reverse-flow diafiltration experiments,
the net flux was introduced. It is directly proportional to the net filtered volume based
on the membrane area as well as the total cycle time. Net flux [L/(m2 h) or LMH] for
submerged filtration experiments was calculated based on the total permeate volume
VP recovered during filtration, minus the backflush volume VBF based on the membrane
area Amem and the total time for one cycle, which was calculated by adding the time for
filtration tF and the time for backflush tBF.
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net flux =
VP − VBF
Amem (tF + tBF)
(8.10)
For reverse-flow diafiltration the net flux [L/(m2 h) or LMH] was calculated by adding the
volume recovered during permeate and flushing step Vfl divided by the membrane area
and the total cycle time of all 4 steps tcycle.
net flux =
VP + Vfl
Amem tcycle
(8.11)
In contrast to the net flux, the set-point flux describes the actual operation flux during
filtration time.
Optical microscopy
Optical microscopy with an optical magnification of up to 500 times was used to analyze
the particle structure of the yeast cells before and after filtration, the qualitative retention
and the cleaning as well as activation effectiveness of the membranes. The equipment used
was a light optical microscope, manufactured by “Fa. Reichert Jung” version “Polyvar
Met”. The pictures were digitized by a Color View XS digital camera.
8.3 Results and discussion
8.3.1 TMP profiles
One important parameter in order to assess the filtration stability provided by the different
membranes, is the TMP profile during filtration operation and the influence of backflushing
on TMP recovery. Complete TMP recovery implies that the TMP reaches its initial value.
TMP values were calculated using the data supplied by LabVIEW and by applying the
equations in section 8.2.3. Due to flux variations during filtration mainly for the microsieves,
the net flux was taken for comparison instead of the set-point flux.
Flux variations could not be prevented and were even observed in clean water experiments.
This problem for the microsieves has also been reported in literature [6]. The authors report
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that these variations are due to small contaminants which get into the feed suspension
from the air and which affect the filter performance. When they applied a pre-filter, these
variations could be minimized. However, in real applications these filters might not be
used. Therefore membranes were compared based on conventional conditions without a
pre-filter.
By use of the net flux all experiments could be compared with each other. In the following,
TMP profiles will be presented with the corresponding net flux.
Influence of filtration time on TMP
The first step was to investigate the upper limit of filtration time for the microsieve vs.
the micromesh. Submerged filtration experiments were performed for all three kinds of
membranes, the two microsieves and the micromesh respectively. Figure 8.2 shows the
TMP profiles of the experiments BF1 and BF2, which are characterized by the following
data.
• BF1: Membrane: 0.8 µm microsieve; Set-point flux: 200 LMH;
Backflush time: 45 s; Backflush flux: 410 LMH
• BF2: Membrane: micromesh; Set-point flux: 200 LMH;
Backflush time: 30 s; Backflush flux: 415 LMH
The manufacturer of the microsieves gives a maximum TMP for operation of 0.5 bar. First
experiments were performed for up to 20 minutes to find out the maximum filtration time
until a backflush needed to be performed in order to keep the TMP below 0.5 bar.
Figure 8.2a shows the TMP profile during 20 minutes of filtration for the 0.8 µm microsieve.
After this time a backflush was performed to remove the cake layer. Two of these filtration
cycles are shown in Figure 8.2. Figure 8.2a shows that it took about 15 minutes until the
TMP exceeded the critical value of 0.5 bar for the 0.8 µm microsieve.
After backflushing, the TMP went down to 0.1 bar and was completely recovered to the
value at the beginning of the first filtration step. It took again about 15 minutes until
a TMP of 0.5 bar was reached. During the 20 minutes of filtration the average TMP
difference (see section 8.2.3) for five filtration cycles was 0.5 bar. This accounts to an
average increase rate of 25 mbar/min.
As a result of this, the following experiments with microsieves were operated with a
maximum filtration time of 15 minutes in order to prevent the microsieves from breaking,
due to high mechanical stress induced by the TMP.
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(a) BF1: 0.8 µm microsieve (b) BF2: micromesh
Figure 8.2: TMP profile for 20 minutes of filtration for the (a) 0.8 µm microsieve and (b) the
micromesh
In contrast to the microsieve, the TMP increase for the micromesh during 20 minutes of
filtration was much lower. Figure 8.2b shows the TMP profile of the micromesh. The
total TMP increase during 20 minutes of filtration amounted to 0.22 bar with an average
increase rate of 10 mbar/min. Total TMP increase for the microsieves was more than twice
as high with about 0.55 bar with an increase rate of 25 mbar/min as discussed above. One
of the reasons why TMP for the meshes is lower is due to the slightly larger pore size of the
meshes. Fouling behaviour was also different: After filtration the micromesh still appeared
clean. The microsieves however showed a visible cake layer. For the microsieve it became
necessary to backflush after 15 minutes of filtration time to not exceed the maximum TMP
whereas for the micromesh the TMP after 20 min was not critical. It could be that the
critical flux for the microsieves is lower. Since the microsieve is much thinner than the
micromesh, initial mass transport over the microsieve is higher and fouling is faster.
In summary, micromeshes show lower absolute TMP values as well as lower increase rate
as compared to the microsieves. While the microsieves have an upper limit for filtration
time in terms of TMP under the conditions tested, the micromesh is very robust and do
not require frequent backflushing. This difference in TMP increase is partly due to the
bigger pore size and the surface characteristics of the micromesh which make them less
prone to fouling. It must be stated that this mechanical limit for the sieves is only valid
for the conditions tested here. In literature it was shown, that the flux for the microsieves
can be kept stable for more than 1 hour. However, high-frequency backpulsing of 15 Hz
was applied [24].
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These results show that filtration time is an important process parameter for the microsieves
in order to ensure operation below the maximum TMP. The micromesh seems to be less
susceptible for cake-layer formation and is not affected by long filtration times. Since TMP
increase is small, retention could also be lower. Later, it is shown that the micromeshes
retain the cells almost as well as the microsieves.
Influence of membrane properties: Pore size and material
In the following the different membranes will be compared to analyze the influence of their
specific properties, e.g. pore size and material, which influences fouling behavior, on the
basis of submerged filtration experiments. In the next section these experiments will then
be compared to reverse-flow diafiltration experiments. The following experiments of the
three membranes are discussed here:
• BF3: Membrane: microsieve 0.8 µm pore size
• BF4: Membrane: microsieve 0.5 µm pore size
• BF5: Membrane: micromesh
All the experiments are characterized by a filtration time of 5 minutes, a set-point flux
of 200 LMH and consequently net fluxes between 185 and 200 LMH (see Table 8.1).
Backflushes were performed for 15 seconds with a backflush flux of 650 LMH and 540
LMH for the microsieves and the micromesh respectively, which accounts to 10 % of the
overall filtration volume (see section 8.2.3).
Figure 8.3 compares the TMP profiles of the two different microsieves. Both Figure 8.3a
and 8.3b show the typical behavior for submerged filtration operation: The TMP increases
during filtration and recuperates during backflushing. It becomes apparent, that the
maximum TMP value increased in every filtration cycle. This could be due to fouling
which lead to irreversible surface blockage and thus increased the membrane resistance
over time.
The average pressure drop or TMP increase per minute was 47 mbar/min for the 0.5 µm
microsieve and 35 mbar/min for the 0.8 µm microsieve. This behaviour is reasonable,
since the sieve with the smaller pores holds a lower porosity and therefore higher intrinsic
membrane resistance. Consequently the pressure drop is also higher.
The micromesh was also analyzed with regard to TMP profile (BF5). It was already men-
tioned in section 8.3.1 that the micromesh is very robust for the given filtration application.
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(a) BF3: microsieve with 0.8 µm pore size (b) BF4: microsieve with 0.5 µm pore size
Figure 8.3: TMP profile for 180 LMH net flux and 5 min filtration time
This is an advantage in terms of TMP characteristic, but could be disadvantageous for
cell retention, which will be discussed in section 8.3.2.
According to the results of section 8.3.1, the TMP increase rate for the micromesh is again
lower than for the microsieves. The TMP profile looks the same as for experiment BF2
with 15 min filtration time, shown in Figure 8.2b. The average value for the TMP increase
during filtration operation was about 16 mbar/min. This is only half of the TMP increase
for the microsieves, which were 35 mbar/min and 47 mbar/min for the two different sieves.
Obviously the microsieves foul much faster than the micromesh. Table 8.1 summarizes
the relevant values of the three experiments discussed. The membranes are sorted by
increasing pore sizes.
Table 8.1: Overview of TMP increase rates for the different membranes (submerged filtration
with backflushing; 5 min filtration time; set-point flux 200 LMH
ID Membrane Net flux TMP increase rate
- - [LMH] [mbar
min
]
BF4 Microsieve with 0.5 µm pore size 199 47
BF3 Microsieve with 0.8 µm pore size 185 35
BF5 Micromesh original 185 16
As the net flux is in the same order of magnitude for all experiments, this comparison is
reasonable. The resistance for both microsieves and the micromesh is initially the same
with an initial TMP of 0.08 bar. This is coherent with the initial membrane resistances
from clean water experiments, which are also about the same with 3.0− 4.0× 1010 m−1
for the microsieves and 2.57− 3.0× 1010 m−1 for the micromeshes respectively.
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Considering only the TMP profile of the different membranes, micromeshes represent a
very interesting alternative to microsieves: TMP absolute values are lower and are much
more stable which is advantageous for longer filtration operation. TMP increase rates are
also significantly lower for the micromeshes than for the microsieves. This implies that
the microsieves foul faster than the micromeshes.
Another advantage of the micromeshes is the more flexible handling during the filtration
procedure: Constant flux control was much easier for micromeshes, because cake-layer
formation was less pronounced and membrane resistance stayed almost constant.
These results for the micromeshes show that they have good potential for an application for
in situ filtration. Later the issue of all retention will be addressed, as the micromesh may
have different retention properties as compared to the microsieves (see section 8.3.2).
Influence of operation mode
In comparison to submerged filtration operation, the TMP profiles for reverse-flow di-
afiltration will be discussed in this section and both process modes are compared. The
following experiments will be discussed:
• RFD1: Microsieve with a pore size of 0.8 µm
• RFD2: Microsieve with a pore size of 0.5 µm
• RFD3: Micromesh
Again the only parameter varied is the membrane used. The remaining parameters stayed
constant for all experiments and were characterized by a dosing time of 120 s (time for
feed and permeate step) and 60 s for the emptying and flushing step.
Here, TMP development of the emptying step (2nd step) and permeate step (3rd step) is
relevant. During these two steps filtration takes place and permeate is recovered from the
reactor. The flow direction is the same as in submerged filtration experiments namely
outside-in (see section 8.2.2).
Two comments need to be mentioned before discussing the results: (1) During emptying
step the pressure is measured by the pressure sensor in the supply line and during permeate
step by the one in the permeate line. The latter has a measuring range of -1.0 to 0.0 bar
and a statistical error of 5 mbar. The one on the feed side has a range from 0.0 to 4.0 bar
and a statistical error of 20 mbar. Therefore the error is always smaller during permeate
and larger during emptying step. (2) In addition, the length of the connection tube between
each pressure sensor and the membrane differs for the supply and the permeate line. There
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is always a pressure drop in the tubes due to wall and fluid friction. This pressure drop
∆pab between two local points a and b inside the tube depends on the distance l between
these two points: ∆pab=∆pab(l). When measuring very low TMP profiles such as in the
RFD experiments, this could have an influence as well. These two reasons should therefore
be considered when interpreting the TMP profiles.
Figure 8.4 shows the results of the diafiltration experiments RFD 1, 2 and 3 performed
with the two microsieves and the micromesh respectively, at a set-point flux of 200 LMH.
The TMP profiles of 10 filtration cycles are shown for each membrane. These figures
present an excerpt of the total experimental time, which lasted between 1.5 h (in case of
the microsieve) and 3 h (in case of the micromesh). The grey data points illustrate the
TMP during emptying step and the white points during permeate step.
All TMP profiles of the three membranes show some common aspects: (1) TMP increases
during both emptying and permeate steps. This is due to the fact that the filtration
direction over the membrane stays the same, namely outside-in. Permeate is extracted
and particles in form of cells accumulate on the membrane surface (cf. section 3.3). This
behavior of increasing TMP with filtration time has already been observed in submerged
filtration experiments.
(2) A discontinuity in TMP profile at the transition from the emptying to the permeate
step can be observed. A reason is likely the step sequence: The emptying step follows the
feed step, which corresponds to a backflushing step as known from submerged filtration
experiments. At the beginning of the emptying step the membrane resistance is lowest
and increases with ongoing filtration time. After the emptying step the permeate step
starts and the membrane flux is changed from high (emptying step) to low (permeate step)
(see Table 8.2 for flux settings of RFD2). Due to the lower imposed flux during permeate
step, TMP values are expected to be also lower than in the emptying step. This behavior
can be seen in 8.4b, where the initial TMP value for the permeate step is lower than for
the emptying step. Since hydraulic resistance of the partially fouled membrane remains
nearly constant, a linear relationship between flux and TMP can be assumed.
In case of Figure 8.4a this TMP drop at the beginning of the permeate step is not
observed as clearly. Here, the membrane resistance could already have been changed by
the accumulation of particles, so that the initial TMP for the permeate step is about the
same as the final TMP of the emptying step. In Figure 8.4c the TMP in the emptying step
appears lower than in the permeate step. This might be due to the different accuracies
of the pressure sensors in combination with the low resistance of the micromesh: In the
emptying step the pressure sensor in the feed line is used for data analysis which implicates
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(a) RFD1: 0.5 µm microsieve (b) RFD2: 0.8 µm microsieve
(c) RFD3: Micromesh
Figure 8.4: TMP profiles for (a) 0.5 µm, (b) 0.8 µm microsieve and (c) micromesh
a greater error. In general, regarding the pressure drop discontinuity observed in 8.4, the
different offsets and accuracy of the two pressure sensors used could contribute here.
Table 8.2: Step length and flux of the diafiltration experiment RFD2
Step Step lenght Flux
- [s] [LMH]
Feed step 120 564
Emptying step 60 472
Permeate step 120 328
Flushing step 60 0
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(3) Another common characteristic of the three diafiltration experiments is the regeneration
behavior of the TMP. The initial TMP value of each filtration cycle always corresponds
to the lowest overall TMP value of the whole filtration cycle. A low initial TMP shows
that backflushing was successful. The feed step proved to be a very effective alternative to
conventional backflushing, with the advantage that no permeate is wasted.
Table 8.3 summarizes the difference in pressure drop during the three experiments intro-
duced above. The table shows, that the TMP increase rate during the permeate step is
about the same for the two microsieves, which is significantly lower than using the same
membranes in submerged filtration. TMP increase rate for the micromesh in RFD is also
lower than in submerged filtration with about 0.4 mbar/min for RFD and 16 mbar/min
for submerged filtration respectively. Meanwhile the trend of TMP increase values during
the permeate step is the same as in the experiments using submerged filtration: Smaller
membrane pores result in higher TMP increase rates. During emptying step the TMP
increase rate for the micromesh and the 0.8 µm microsieve were nearly the same. In case
of absolute TMP values the micromesh showed the lowest values during emptying step
and equal values during permeate step.
In summary, TMP absolute values as well as TMP increase rates are always about a factor
2 lower for RFD than for submerged filtration for all membranes tested and operation
was much more stable in terms of TMP. Different reasons could apply here: (1) Step
times in RFD mode are shorter with 120 s plus 60 s for the permeate and emptying step.
(2) The backflush to filtrate ratio is always 1:1 whereas it is only 1:10 for submerged
filtration.
Table 8.3: Overview of TMP increase rates and net flux for experiments using reverse-flow
diafiltration and different membranes
ID Membrane Net flux TMP increase rate
- - [LMH] [mbar
min
]
RFD1 Microsieve with 0.5 µm pore size 197 20.85 (emptying step)
1.39 (permeate step)
RFD2 Microsieve with 0.8 µm pore size 208 6.09 (emptying step)
0.90 (permeate step)
RFD3 Micromesh original 217 8.77 (emptying step)
0.39 (permeate step)
8.3.2 Yeast cell retention
This section summarizes the results of yeast cell retention measurements. Particle distribu-
tions in the retentate and permeate were measured with the Coulter Counter device (see
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section 3.4.3). In addition these results were qualitatively checked with optical microscopy.
The average size of the yeast cells was of 5 µm, which is bigger than the pore sizes of
the microsieves with 0.5 and 0.8 µm respectively and the micromeshes with about 1 µm.
However this cell size is only an average value and there could always be smaller cell
fragments present.
Influence of membrane properties
Influence of membrane properties was analyzed in submerged filtration operation with
5 min filtration time. Retention values for the membranes tested were of 99 % for the
microsieve with 0.8 µm pore size and 88% for the micromesh respectively. The microsieve
with 0.5 µm pore size did not provide reliable data due to integrity problems of the sieve.
However, based on microscopy pictures of the intact sieve, the retention is expected to be
similar to the 0.8 µm sieve. The retention of the micromesh was about 10% lower, which
is due to the bigger pores of the mesh as compared to the sieve.
When measuring the cell retention of the micromesh after 15 min filtration time, the
retention of the mesh was higher with about 97 %. Since more particles are transported to
the membrane surface with increasing filtration time, cake-layer also increases providing an
additional filter effect which consequently leads to a better retention behavior. However,
cake-layer formation is unwanted and when shorter filtration times are used, the problem
of low retention persists. One possibility to improve retention is to recirculate the prior
recovered permeate when the majority of the cells go through the mesh back to the reactor.
Another possibility would be to modify the pore size of the micromeshes (see section
8.3.3).
Influence of operation mode
Here the performance of the two process modes, submerged filtration and reverse-flow
diafiltration, are compared in terms of cell retention using the micromesh. For an intact
microsieve there was no difference measurable. Submerged filtration was done with 5
min filtration time before backflush was applied and RFD with 240 s filtration time. For
submerged experiments, three filtration cycles were sampled, each at the beginning, the
middle and the end and then averaged. For RFD one whole permeate and flushing step was
sampled at two different points in time (after 45 and 90 minutes experimental time).
As discussed above the average retention values for the micromesh in submerged filtration
was about 88 %. For RFD operation it was about 63.2 %. This difference in retention
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behavior is likely due to the longer filtration time in submerged filtration. Here cake-layer
built-up contributes to a higher retention. This difference in cake-layer formation is
confirmed by the higher TMP profile for submerged filtration. This correlation of retention
with the filtration length is further analyzed in the following section.
Influence of step length
The reverse-flow diafiltration experiments were performed with three different permeate
step times, 240 s, 120 s and 80 s, to analyze the influence of step length on retention
behavior. For comparison the retention of the experiments RFD5, RFD3 and RFD4 all
performed with a micromesh are summarized in Table 8.4. Experiments with micromeshes
are used because it usually showed lower retention than the intact microsieve. However
often the microsieve got damaged despite careful handling. This could cause problems
where retention would be equally sensitive.
Table 8.4: Influence of permeate step time on yeast cell retention for the micromesh
ID Step time Retention after Retention after Retention
45 min 90 min average
- [s] [%] [%] [%]
RFD5 240 65.7 60.7 63.2
RFD3 120 55.9 59.3 57.6
RFD4 80 36.5 35.5 36.0
Table 8.4 shows that shorter permeate step times lead to lower retention values. This
phenomenon could be explained by the different cake-layer thicknesses: Cake-layer increases
with increasing step length. This cake layer on the membrane surface also acts as filter
during filtration. Obviously it takes a certain time for the particles to accumulate on the
surface of the membrane and to build a filter cake. Hence, during experiments with longer
permeate step times the filter is thicker than for shorter permeate step times.
8.3.3 Membrane modification
In order to improve the retention behavior of the micromeshes, a coating with two differently
charged polyelectrolytes was conducted. The coating method is explained in section 8.2.
TMP profile and cell retention was compared for the coated micromesh and the original
micromesh in submerged filtration experiments using a set-point flux of 300 LMH and
5 min filtration time. Table 8.5 shows the TMP increase rates and cell retention for the
original and the PE-coated micromesh with 2 and 3 layers respectively.
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Table 8.5: Overview of TMP increase rates and cell retention for the original micromesh and
the PE-coated micromeshes; set-point flux = 300 LMH
Membrane Charge of the layer Net flux TMP increase rate Retention
- - [LMH] [mbar
min
] [%]
Micromesh original - 284 30 86
Micromesh 1 layer + 275 39 92
Micromesh 2 layer - 290 47 91
Micromesh 3 layer + 278 54 95
The first layer was always positive, since the membrane surface is negative. The second
layer was then negative and so on. Therefore 2 layers implied a negative top layer and
3 layers a positive top layer. As shown in Table 8.5 TMP increase rate goes up with
numbers of layers coated. According to that, the absolute TMP values increased with
increasing amount of layers: TMP rises up to 0.25 bar for a 2-layer mesh and up to 0.3 bar
for a 3-layer mesh in one filtration step. This TMP increase showed that the coating was
successful. When looking at the cell retention values the same trend could be observed:
retention increased with increasing amount of layers. Since retention increased regardless
of the charge of the top layer, this increase is probably rather due to pore size reduction by
the coating than to electrostatic exclusion. Polyelectolytes tend to form chains attached
to surfaces, which likely lead to an increase in resistance and also in retention.
8.4 Conclusions
Microsieves and micromeshes have been discussed in terms of TMP profiles, increase rate
and cell retention using two different operation modes, namely submerged filtration and
reverse-flow diafiltration. First it was shown that microsieves can only be used for a
maximum filtration time of 15 minutes at a flux of 200 LMH until the operation limit
of 0.5 bar TMP is reached. Backflushing is efficient to regenerate the TMP, but has to
be done frequently. When using micromeshes however, hardly any TMP increase was
observed. TMP increase rates for the micromeshes were 16 mbar/min and 34.6 mbar/min
for the microsieve. Micromeshes in submerged filtration showed always lowest absolute
TMP values as well as TMP increase rates. Obviously micromeshes fouled much slower
than microsieves. Flux control for the microsieves was problematic whereas micromeshes
did not require any flux control.
In addition handling of the microsieves was very difficult during the experiments. This
presents a severe disadvantage of the microsieves since retention effectiveness cannot be
guaranteed over longer times. Micromeshes on the other hand are mechanically very
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strong, easy to handle and inexpensive.
Micromeshes showed slightly lower cell retention than the microsieves. This can be dealt
with by recirculating the permeate, which is recovered at the beginning of a filtration
interval, back to the reactor. Another solution would be pore size reduction of the
micromeshes. PE-coating was applied to a micromesh with alternating positively and
negatively charged layers. TMP increase rate increased with the amount of layers coated
which proved that coating was successful. Cell retention also increased remarkably with
number of layers, namely 10 % using 3 layers.
Two different operation modes of submerged filtration and reverse-flow diafiltration (RFD)
were compared. Reverse-flow diafiltration using micromeshes showed significantly lower
TMP increase rates than submerged fitration with about 9 mbar/min during emptying step
and 0.4 mbar/min during permeate step, as compared to 16 mbar/min during submerged
filtration. For the microsieves TMP increase rate were also much lower for RFD than for
submerged filtration. Absolute TMP values were almost a factor 10 lower in reverse-flow
diafiltration. Consequently, RFD is very promising as an ISPR process coupled to a
continuous fermentation process, since neither critical TMP values nor TMP increase
rates are an issue. Since TMP increase rates are so low, stable filtration operation can be
ensured.
In conclusion, micromeshes are advantageous for in situ product recovery since they provide
(1) lower TMP values as well as TMP increase rates, (2) easier handling and (3) better flux
control. Pore sizes can be easily reduced by applying different amounts of polyelectrolyte
layers. In combination with reverse-flow diafiltration it could be a very successful operation
concept for stable, long-term in situ product recovery in the future.
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9.1 Introduction
In this last chapter a short summary followed by reflections on the results obtained in this
thesis will be given. Finally, the outlook describes current status of membrane technology
for in situ product recovery and future directions will be highlighted.
9.2 Summary and reflections
Membranes offer various advantages for biotechnology processes such as operation at low
temperatures and pressures and effective cell and/or enzyme separation based on size
exclusion. Therefore, their application in biotechnology processes has increased in the
past 10 years and they are nowadays part of almost every biotechnology production line
in downstream and/or upstream processing.
Membrane bioreactors for in situ product recovery are advantageous, because they integrate
the reaction and the separation in a single process step. ISPR supports the trend toward
environmentally sustainable industrial processes, as it leads to lower energy consumption
and less waste effluent by process step integration. Integration of the membrane in the
reactor results in (1) better productivity, since higher cell densities are achieved and (2)
higher yields, due to lower substrate consumption for cell growth.
Submerged processes show high potential, especially in production processes for high-value,
low-volume products, such as antibodies. In these processes, shear-sensitive, expensive
organisms are used. Submerged reactors ensure constant reaction conditions, rule out
additional shear stress and have less cell loss because of reduced dead volume. In addition,
the membrane surface area can be kept small, since these processes usually operate with
low production rates. For enzyme reactors, submerged membranes are advantageous, since
they prevent additional shear stress and fluctuations in reaction conditions. Effective
anti-fouling measures, such as backflushing with liquid or gas, vibration and aeration are
crucial, because cleaning in place is difficult (cf. Chapter 2).
As a new in situ anti-fouling measure, the so-called reverse-flow diafiltration concept has
been developed and extensively analyzed in this thesis. The objectives were to enable
(1) continuous product recovery with (2) stable filtration performance (e.g. no decline
in permeability) and (3) complete cell retention. One continuous membrane hollow-fiber
was used for both feed supply and permeate withdrawal. Practical examples for process
implication were given, such as for biofuel production (white biotechnology) or antibody
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production (red biotechnology). These were introduced and discussed in Chapters 4 and 6
and in Chapter 7, respectively.
In this thesis, first an overview of state-of-the-art of membranes for in situ product recovery
from fermentation processes was given (cf. Chapter 2). Both submerged and external
loop processes were highlighted. Various module designs were introduced especially for
submerged processes. Common of all submerged processes was an anti-fouling measure for
repeated cleaning of the membrane surface, e.g. backflushing, vibration or aeration. They
mainly worked with ceramic membranes due to their robustness and chemical stability.
Polymeric membranes have so far been mainly used for external loop concepts, since
they are cheaper than inorganic materials and at the same time very robust, but not
enough for submerged concepts. Here, the need exists to develop new module designs for
submerged processes with effective fouling control. Therefore, the new membrane process
called “reverse-flow diafiltration” has been developed which operates with polymeric
membranes.
The new concept “reverse-flow diafiltration” was first analyzed and a proof of principle
was provided (cf. Chapter 4). Two different process configurations were tested with
model yeast suspension, namely simple reverse-flow diafiltration and diafiltration with
lumen emptying. The latter one was characterized by an intermediate (emptying) step for
emptying the membrane lumen between the feed and permeate step. This should prevent
dilution of the permeate with remaining feed solution from the dead volume. Product
recoveries using reverse-flow diafiltration with lumen emptying were investigated using
air and permeate emptying. Air emptying proved to be effective but posed problems in
operability due to entrapped air bubbles causing problems to process operation. With
permeate emptying, stable product recoveries could be achieved. The emptying step is
especially important when (1) larger membrane lumen volumes are used and/or (2) lower
dilution rates (referred to the exchanged reactor volume per time) are desired.
In order to confirm the experimental results, a simple mathematical model was introduced
in Chapter 5. The processes of air and permeate emptying were compared. Parameter
estimation showed that only about 43 % of the pores contribute to the flow profile in
longitudinal flow, as present in air emptying. This implies that pores are not completely
emptied and consequently dilution with left-over feed solution is more pronounced.
The main goal was to evaluate the sensitivity of transmembrane pressure as well as
product recovery. Simulations showed that transmembrane pressure is especially sensitive
to membrane resistance and flux, as described by Darcy’s law. Pressure loss increases with
total membrane length. It makes the emptying process difficult, since it implies a reduced
driving force with increasing distance from the pump and therefore unequal pore emptying.
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Product recovery proved to be especially sensitive to the concentration of transmitting
compound (or product). Reduction in product recovery may be caused by e.g. adsorption
or electrostatic effects or by dilution with feed solution due to inefficient emptying as
discussed in Chapter 4 and 6.
After providing the proof of concept experimentally and mathematically, reverse-flow
diafiltration was implemented in a continuously running fermentation process for itaconic
acid production (cf. Chapter 6). This process is part of the biorefinery concept for
biofuel production where itaconic acid serves as the platform molecule. The aim was to
provide a cell-free itaconic acid stream for downstream processing. A completely sterile,
biocompatible, integrated membrane process was set up for itaconic acid fermentation using
fungi cells of Ustilago maydis. Reverse-flow diafiltration maintained much higher filtration
stability in terms of TMP values as compared to conventional submerged processes.
Compared to tangential-flow processes, the RFD process provided constant reaction
conditions, minimizing hydromechanical stress and the risk of oxygen limitations. In first
experiments, the itaconic acid space-time yield was increased up to ten times by applying
RFD. However, the constituents of the fermentation broth, e.g. proteins, negatively
affected the product recovery and the permeability.
Reverse-flow diafiltration process was then implemented in an antibody fermentation
process (cf. Chapter 7). Antibodies as high-molecular weight products present a new
challenge for the filtration process. The process was optimized in terms of product recovery
(here: antibodies) and substrate loss. Therefore the emptying and flushing steps were
mathematically and experimentally optimized. The aim was to completely eliminate
dilution of permeate with substrate, since it leads to contamination of the product solution
and complicates further downstream processing. After optimization, substrate loss could
successfully be eliminated.
In Chapter 6 it became apparent that once irreversible fouling starts, emptying of the
lumen might not be effective anymore. Based on flux-step experiments in Chapter 7 it was
therefore recommended to operate below the critical flux to minimize membrane fouling.
Furthermore it was shown that exceeding the critical flux results ultimately in protein
adsorption as well as higher TMP profile which cannot be restored completely.
At last, high-flux microfiltration membranes were tested to further tune the ISPR process,
namely microsieves and micromeshes (cf. Chapter 8). Microsieves, which have mainly
been used in food industry up to now were compared to micromeshes. It was concluded
that micromeshes are advantageous for in situ product recovery since they provide lower
TMP values as well as TMP increase rates, easier handling and better flux control. Their
disadvantage of having lower cell retention was overcome by pore size reduction. Pore
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sizes were reduced by applying different amounts of polyelectrolyte layers. Furthermore
submerged operation with backflush was compared to reverse-flow diafiltration. Reverse-
flow diafiltration using micromeshes showed significantly lower TMP increase rates as well
as absolute TMP values than submerged filtration.
Considering the trend in biotechnology towards continuous processes, reverse-flow diafiltra-
tion is beneficial since it provides a continuous product stream for downstream processing
of equal quality. Advantages of continuous processes are among others [1]:
• Longer operation times with less down times,
• higher space-time yield resulting in smaller bioreactors,
• constant product quality and
• prevention of product degradation.
Two examples of possible applications have been introduced in this thesis, one of (1)
white and one of (2) red biotechnology. (1) White biotechnology or also called industrial
biotechnology deals with the implementation of biotechnology in industrial processes.
An example gives the project “Tailor-made fuels from biomass” which focuses on next-
generation biofuel production. The aim is to establish a continuous biorefinery process. In
an intermediate step the platform molecule itaconic acid is produced in a fermentation
process with ISPR. Itaconic acid presents a low-molecular-weight product. One of the
main advantages of submerged membranes is that oxygen limitation as happens in external
loop processes can be prevented. Such limitation could irreversibly harm the fungi cells
and ultimately decrease productivity.
(2) Red biotechnology is engaged in developing new therapeutic and diagnostic processes
with the help of living organisms. MoBiDiK (“Modulare Bioproduktion - Disposable und
Kontinuierlich”) aims at the development and establishment of a modular, flexible and
continuous process technology for the biotechnology-based production of pharmaceutical
drugs, namely antibodies. Parts of the process are intended to be single-use.
RFD presents a good example of process intensification by achieving higher space-time
yields than conventional fermentation processes and thereby reducing plant footprint
(compare results in Chapter 6 and 7). Advantages are among others:
• Prevention of cake-layer built up by periodic reversal of flow direction,
• prevention of product aggregation (in case of proteins) and degradation until inhibi-
tion,
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• higher biomass concentration leading to higher product yield and
• dilution rate and retention time are independent from each other.
These advantages lead to the reduction of costs, space and time.
However, for some applications it could be advantageous to operate reverse-flow diafiltration
as an external loop process, such as for (1) fermentation broths with strong fouling behavior
or (2) processes where exchangeability of the module is important. This could be the case
for perfusion processes which operate for several months. In case of membrane damage
the module could be then exchanged [2]. As an external loop concept, the anti-fouling
effect of RFD with cross-flow can be combined.
9.3 Recommendations for future experiments
q Membrane arrangements
There are certain aspects which could be improved. First of all, module design can be
optimized. An idea for improving the filtration performance was developed, which consists
of the arrangement of the module transversally positioned to the direction of the bulk flow.
Flow conditions were provided by a paddle mixer. It was postulated that the transversal
arrangement would promote turbulence near the membrane surface, thereby reducing
concentration polarization and fouling. For conventional concepts longitudinal flow prevails
as for the helically-wound hollow fiber used up to now.
The concept of transversal flow has already been successfully tested for external hollow-fiber
membrane modules, where it improved filtration performance and reduced total cost [3, 4].
Futselaar used in his transversal-flow module the fibers themselves as a disruption for
the flow. He claimed that turbulence generation would be possible even at moderate flow
velocities and hence low energy consumption.
To see whether transversal flow could improve submerged ISPR, experiments were con-
ducted with five different module designs, e.g. star-shaped arranged at the bottom and in
the middle of the reactor, a vertically-wound module, and two other variations. These were
compared to the helically-wound module used up to now. Figure 9.1a shows exemplarily a
scheme of the reference and 9.1b of the star-shaped module, both the side view and the
top view. Flux-step experiments using the method introduced in Chapter 7 by van der
Marel et al [5] were conducted. In addition the influence of (1) flow regime, (2) aeration
as well as (3) baffles on critical flux were evaluated.
As expected, it was found that the flow regime has an effect on the flux. The higher the
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(a) Helically-wound module used as a ref-
erence.
(b) Star-shaped module for transversal-
flow utilization.
Figure 9.1: Module arrangements for utilization of optimal flow conditions.
turbulence the higher the critical flux and thus a better fouling control can be achieved.
Aeration also had a positive effect on mass transfer, however baffles did not. Regarding
transversal flow it was hard to separate its influence from effects due to vortex-induced
vibrations. Also influence from trailing vortices and gas cavities were hard to prove by
experimental results. Only with aeration in the transitional and turbulent flow regime, a
positive effect of transversal flow was visible. It was postulated that this could be due to
the high amount of air dissolved in the fluid which could promote the formation of gas
cavities.
As a consequence, improved module designs were tested where only transversal flow effects
should be visible. Slight improvements to the helically-wound module could be measured
with the star-shaped module arranged in the middle of ther reactor. Also when arranging
the helically-wound module closer to the stirrer, filtration performance improved.
The star-shaped module could be advantageous for bioprocesses where fast stirring has to
be avoided due to the sensitivity of the organisms to shear stress (e.g. mammalian cells).
In this case, the positive effects of trailing vortices and gas cavities are not present and
transversal flow becomes even more important. For continuing experiments from Chapter
7 where a perfusion process with mammalian cells is aimed at such a module design could
be implemented. However, it could be challenging to implement the star-shaped design in
a fermenter since it requires more space. Space in a fermenter is limited due to equipment
such as pH and temperature sensors and others.
q Enhancement of micromesh performance
The micromeshes introduced in Chapter 8 can be adapted to any kind of application by
reducing the molecular weight cut off, which was proven successful by coating with poly-
electrolytes. However, autoclavibilty needs to be ensured for application in fermentation
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processes, which requires a more stable coating. An action point for the future would be
the tuning of polyelectrolyte use. Another possibility would be coating via electroplating,
which irreversibly deposits a metal coating on top of the pores [6, 7]. First experiments
with electroplated meshes showed that the mesh resistance increased after the coating as
expected. Cell retention as well as molecular weight cut off experiments are still to be
performed. The assumption is that cut off decreases with increasing membrane resistance.
If this proves to be true, cut off of the micromeshes could be flexibly adapted to any
application.
q Operation modes
In Chapter 7 the RFD process was optimized with regard to zero substrate loss. In order
to have less lag time, a process configuration would be possible where two membranes are
operated in parallel. The step sequence of the two fibers would be directly opposed to
each other. This concept would enable a “real” continuous process.
9.4 Future directions
9.4.1 Single-use membrane reactor
During the last years a trend in biotechnology towards single-use systems has evolved
[8]. The use of these systems holds various advantages as compared to conventional
stainless steel reactors. Governmental requirements for product quality are very strict,
therefore quality management is crucial in pharmaceutical industry: Slight variations
in product quality could already have negative effects on the patients. To meet these
requirements cleaning and sterilisation for stainless steel bioreactors is very time-consuming.
Single-use systems however are ready-to-use and delivered pre-sterilized. Cleaning time
during different product cycles is omitted and cross-contamination can be completely
prevented.
Consequently, purchase and disposal of single-use systems is in many cases cheaper than
conventional cleaning and sterilization measures [9]. In addition, by using single-use
systems a higher flexibility to market demand is possible. Various single-use system for
antibody cultivation are already commercially available. E.g. General Electric (GE),
Sartorius and Merck Millipore provide 2D bags in form of a cushion as well as cylindrical
bags for larger scales. An overview of current single-use bioreactors on the market is given
in [10]. GE and Sartorius offer a bag as a single-use bioreactor with integrated membrane,
the so-called “wave-bioreactor”[11].
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First attempts have been made to develop a single-use membrane reactor which could
be ultimately scaled-up to any size. Larger single-use bioreactors are mainly available in
cylindrical form [10, 12]. The idea is to use a submerged membrane module and operate
it with reverse-flow diafiltration on a shaking or an oscillating platform for instance.
Coupling it to a fluid handling device would allow for a more flexible filtration control. For
this purpose an OSMO Inspector, as introduced in Chapter 7 is coupled to the bag. At
AVT.CVT a module is in development which can be integrated into such a cyclindrically
shaped bag through a small opening. With such a system the way to larger single-use
membrane reactors for even more flexible applications will be opened.
9.4.2 ISPR with membranes for SSF processes
Within the TMFB project a reference process has been developed where first cellulose
is broken down by enzymes to glucose in a hydrolysis step. Subsequently, this glucose
is transferred to the fermentation process with fungi cells introduced in Chapter 6. A
new development is to perform the hydrolysis and fermentation reaction in one reactor,
a so-called simultaneous saccharification and fermentation process (SSF). Advantages
are among others a reduction in investment costs and prevention of product inhibition
of the cellulases [13]. A membrane reactor will be developed for retention of cells and
enzymes.
9.4.3 Industrial applications and scale up
To design a profitable industrial bioprocess for bulk (low-cost, high-volume) products
such as itaconic acid, it would be shortsighted to just apply laboratory-scale data and
select yield, product concentration and productivity as the main parameters. Due to the
large product amounts in commodity production, the costs of upstream and downstream
processing are also crucial [14]. As discussed before, process step integration is a promising
option to increase the profitability of bioprocesses. Membranes are easy to scale-up
unlike other separation processes. Especially hollow-fiber membranes, which allow a high
packing density are advantageous. Fouling is always the bottleneck of the filtration process
determining membrane lifetime. Reverse-flow diafiltration can successfully prolong this
time and membrane area can easily be adapted to higher volumes.
Perfusion processes used for cultivation of cell cultures are used for e.g. antibody production,
such as in MoBiDiK introduced in Chapter 7. Unlike low-cost, high-volume products
such as ethanol, butanol or itaconic acid, which are of low molecular weight, antibodies
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present high-cost, low-volume products which are of high molecular weight. State-of-the-
art retention technologies for cell cultures in perfusion processes are (1) density-driven
processes, such as settlers, centrifuges, cyclones or acoustic filtration and (2) size exclusion
processes, such as spin or other rotating filters and tangential flow (cross-flow) filters where
the ATF system (“Alternating Tangential Flow”, Refine Technology, Edison, U.S.A.) is
currently the most promising one. An extensive comparison and evalution of state-of-the-
art cell retention devices for large-scale perfusion processes was given by Voisard et al. [15].
They stated that costs for cell retention are negligible compared to total manufacturing
costs and that cell separation ability, operation time as well as the time-to-market are
much more crucial. They mentioned that external systems suffer from high recirculation
rates which make scale-up very difficult and potentially damage cells. This rules out
conventional tangential-flow filtration systems and also centrifuges and most settlers. So
far, only spin filters and centrifuges have been reported in literature for scale-up up to 1000
L/d. ATF technology might also be suitable for high perfusion volumes up to 1200 L/d
[15]. However, no experimental results known to the author have been reported yet.
Figure 9.2 shows specific membrane surface area [1/m] for different perfusion rates from
mammalian cell fermentation. Data from rotating filters and tangential flow filters were
given by Voisard et al. and discussed by Henzler et al. [2, 15]. Data for RFD has been
calculated based on experimental data obtained in Chapter 7.
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Figure 9.2: Specific membrane surface area for varying perfusion rates; Fermentation of mam-
malian cell cultures (data for rotating and tangential flow systems from Voisard et
al.[15]).
Figure 9.2 shows that RFD ranks about as low as rotating filters in terms of specific
membrane surface area needed to handle a certain perfusion rate. However, scale-up is
much easier for RFD, since hollow fibers are used. In comparison, spin filters using flat
sheets demand much more space for scale-up. As a result of this constraint, spin filters are
limited in capacity. Scale-up for tangential flow systems is also difficult since very high
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recirculation rates are needed in order to increase capacity.
Henzler et al. concluded in their evaluation that settlers are most advantageous for cell
retention due to their robustness and unlimited capacity [2]. However, when including
RFD in his comparison, it ranked right after the settler in terms of capacity [L/d] by
providing complete cell retention and bringing the advantages of an internal system.
In order to compete with settlers and centrifuges, fouling control needs to be provided to
ensure long filter time. Compared to the competitive process ATF, reverse-flow diafiltration
provides uniform backflush and no shear stress or change in reaction conditions other than
the ones of the reactor itself, so protein degradation or aggregation is prevented. Reverse-
flow diafiltration presents a promising candidate as a future large-scale cell retention
technology for perfusion processes by combining the use of hollow fibers for easy scale-up,
being an internal concept and at the same time providing effective fouling control.
9
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